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Abstract 

Diamine-appended metal–organic frameworks exhibiting step-shaped CO2 adsorption are 

exceptional candidates for energy-efficient carbon capture. However, there are few studies 

examining their performance in real-world capture scenarios, in part due to the challenge inherent 

in modeling their CO2 uptake behavior. Here, we develop a dual-site Sips model to fit experimental 

CO2 adsorption data for dmpn–Mg2(dobpdc) (dmpn = 2,2-dimethyl-1,3-diaminopropane; 

dobpdc4– = 4,4′-dioxidobiphenyl-3,3′-dicarboxylate) and develop a linear driving force model for 

the adsorption kinetics based on available experimental data. These models are used to develop a 

dynamic, fixed bed, non-isothermal contactor model using shaped particles of the material, which 

is validated with experimental breakthrough data. We also examine the effects of the high heat of 

adsorption of the material on CO2 uptake performance and find that heat removal is essential to 

maximize capture performance. We finally investigate “basic” (no bed cooling during adsorption) 

and “modified” (bed cooling during adsorption) temperature swing adsorption (TSA) processes 

using dmpn–Mg2(dobpdc) and their process economics are compared to a state-of-the-art 

monoethanolamine (MEA) capture system, with and without heat recovery. In the absence of heat 

recovery, the adsorbent systems are more costly than established technology. However, with 85% 

heat recovery, both adsorbent-based TSA processes are projected to cost less than the MEA 

system. This work highlights that thermal management is vital for implementation of dmpn–

Mg2(dobpdc) as a viable CO2 capture technology. Investigation of other contactor technologies 

that can provide unique ways to manage system heat represent promising future areas of study.  

Key Words 
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1. INTRODUCTION 

 The earth’s average temperature has been steadily rising since the late 1800s, and 

anthropogenic greenhouse gas emissions represent the largest contributor to this change1. In 

particular, carbon dioxide emissions from fossil fuel combustion processes account for nearly 80% 

of the increased greenhouse gas emissions in the last 50 years1. Electricity generating coal-fired 

plants have contributed substantially to these emission levels, a trend that is expected to continue 

in the future2. The current leading technology to capture CO2 from these point sources is post-

combustion capture using amine-based solvents, but regeneration of these solutions can require an 

energy penalty of nearly 30% of the power plant output2. 

 In recent years, porous coordination solids known as metal–organic frameworks (MOFs) 

have emerged as promising candidates for carbon capture2–4. Composed of metal ions or clusters 

connected via organic linkers, these materials possess large internal surface areas and highly 

tunable pore structures and surface chemistries. In particular, it has been shown that appending 

alkyldiamines at the open metal sites in the framework Mg2(dobpdc) (dobpdc4– = 4,4′-

dioxidobiphenyl-3,3′-dicarboxylate) results in powerful new adsorbents for CO2 capture under a 

range of conditions relevant to coal5–8 and natural gas flue gas9,10. These diamine-appended MOFs 

exhibit much higher working capacities than traditional adsorbents and have the potential to exhibit 

lower regeneration energies than both leading amine-based solvents and traditional adsorbents as 

a result of their step-shaped CO2 adsorption. This unique behavior arises due to an unprecedented 

mechanism wherein CO2 inserts into the metal amine bond to form chains of ammonium 

carbamate5 or carbamic acid11 pairs that propagate down the framework channels. Accordingly, 

negligible CO2 uptake occurs until a certain threshold pressure or temperature (under isothermal 

or isobaric conditions, respectively), beyond which point the material exhibits a sharp increase in 

gas uptake until it is nearly saturated with CO2. In addition to this unprecedented adsorption 

behavior, these diamine-appended MOFs exhibit excellent long-term stability and maintain 

affinity for CO2 under humid conditions, both desirable attributes for CO2 capture6. Importantly, 

it is possible to tune the CO2 adsorption step pressure or temperature simply by changing the 

structure of the appended diamine7. Many of the diamine-appended frameworks studied to date 

exhibit a low adsorption step pressure of ~1 mbar of CO2, however, and this strong adsorption can 

result in high regeneration temperatures8. Recently, the framework dmpn–Mg2(dobpdc) (dmpn = 
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2,2-dimethyl-1,3-diaminopropane) was found to exhibit step-shaped adsorption at ~15 mbar CO2 

and 40 °C and nearly complete desorption at 100 °C as well as extended cycling stability under 

humid conditions. These properties render dmpn–Mg2(dobpdc) a promising candidate for CO2 

capture from pulverized coal fired power plants, although the performance of this material has yet 

to be modeled under conditions relevant to practical flue gas capture. 

 Mathematical models are essential for optimal design of industrial-scale capture systems, 

however only a few studies to date have examined the performance of any diamine-appended 

Mg2(dobpdc) for capture applications, and these studied have focused exclusively on mmen–

M2(dobpdc) (mmen = N,N′-dimethylethylenediamine). Hefti et al.12 used a weighted dual-site 

Langmuir equation to accurately model step-shaped CO2 adsorption in mmen–M2(dobpdc) (M = 

Mg, Mn, Fe, Co, or Zn) and to evaluate the performance of these materials in a fixed bed 

temperature swing adsorption (TSA) process. A simplified fixed-bed model using an equilibrium-

based shortcut method and an isothermal adsorption step was also developed to model the TSA 

process and evaluate important performance indicators, including process energy consumption. In 

later work by the same researchers13, a detailed partial differential equation model was used to 

optimize their TSA process with respect to various performance indicators, using a constant mass 

transfer coefficient for CO2 that was estimated using experiments with activated carbons14,15. Pai 

et al.16 used a combination of single- and dual-site Langmuir models to predict adsorption 

equilibrium in mmen–M2(dobpdc) (M = Mg, Mn, Fe, Co, or Zn) when implemented in a vacuum 

swing adsorption process. Here, macropore molecular diffusion was assumed to be the controlling 

mass transfer mechanism and the properties of a commercial zeolite were used to calculate the 

mass transfer coefficient. These previous studies laid valuable groundwork for exploring the 

practical performance of diamine-appended M2(dobpdc) materials, but given that the structure of 

the appended diamine can significantly alter the shape of the CO2 adsorption curves, it is 

challenging to directly apply existing models to new framework variants such as dmpn–

Mg2(dobpdc). Additionally, the above studies do not use kinetic models that have been developed 

using experimental data for diamine-appended MOFs, and instead rely on mass transfer 

coefficients developed using generalized correlations or estimated from experimental data for 

other solid adsorbents. Finally, there are presently no detailed studies in the literature of the 

economics of amine-appended MOF use in industrial CO2 capture. Existing process analyses12,13,16 



4 

 

mainly focus on energetics, recovery, and efficiency and do not take into account the size and cost 

of equipment that is needed to achieve those metrics. 

 Herein, we use a modified weighted dual-site Langmuir isotherm model and a dual-site 

Sips isotherm model to fit CO2 adsorption data for dmpn–Mg2(dobpdc) for the first time. A kinetic 

model for CO2 adsorption in dmpn–Mg2(dobpdc) is also developed from thermogravimetric 

analysis data and used with the Sips adsorption model to develop a detailed model of a fixed bed 

contactor, which is validated using experimental breakthrough data. A cost model is also 

developed for techno-economic analysis of a TSA process using dmpn–Mg2(dobpdc) as the CO2 

capture material. Initial case studies of an isothermal and adiabatic reactor are further analyzed to 

investigate how heat generated during adsorption will affect performance. We also carry out a 

sensitivity study to analyze the effect of important design variables on the process economics and 

compare the results to those obtained for the state-of-the-art monoethanolamine (MEA) solvent 

capture system. Finally, axial temperature and loading profiles and system energetics are presented 

to elucidate the results of the techno-economic analysis. 

2. MODEL DEVELOPMENT 

 2.1 Adsorption Equilibrium Model for dmpn-Mg2(dobpdc). To the best of our 

knowledge, no isotherm model for dmpn–Mg2(dobpdc) currently exists in the literature. Given the 

unique step-shaped adsorption exhibited by amine-appended M2(dobpdc) frameworks, traditional 

isotherm models are not able to fully describe their CO2 uptake behavior. However, in some cases 

these models have been adapted or new models developed to account for the stepped adsorption. 

In the first study of mmen–M2(dobpdc), CO2 uptake was modeled using three separate equations 

before, at, and after the adsorption step5, but the discontinuity of this approach renders it 

unacceptable for use in process modeling and optimization. Notably, the weighted dual-site 

Langmuir model used by Hefti et al.12 was able to accurately predict the complete adsorption 

profile for mmen–M2(dobpdc). Kundu et al.17 presented a model for CO2 uptake in mmen–

M2(dobpdc) derived from quantum and statistical mechanics that was able to predict the position 

of the isotherm step but poorly reproduced adsorption behavior after the step. Finally, Pai et al.16 

separately modeled chemisorption and physisorption of CO2 in mmen–M2(dobpdc) and used both 

single-site and dual-site Langmuir models to fully describe the adsorption data. 
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 We investigated the potential of multiple models to adequately describe the stepped CO2 

uptake in dmpn–Mg2(dobpdc), including Langmuir, Freundlich, and Toth equations (see Section 

1 of the Supporting Information). None of these traditional approaches were able to describe the 

experimental data satisfactorily. We therefore turned to a weighted dual-site Langmuir model 

given in Eq. (1), similar to that developed by Hefti et al.12. 

𝑞𝐶𝑂2

∗ = 𝑛𝐿(𝑝, 𝑇)(1 − 𝜔(𝑝, 𝑇)) + 𝑛𝑈(𝑝, 𝑇)𝜔(𝑝, 𝑇) (1) 

Here, 𝑞𝐶𝑂2

∗  represents the equilibrium loading of CO2 predicted by the model, p is the CO2 pressure, 

and 𝑛𝐿 and 𝑛𝑈 describe the lower and upper portions of the isotherm before and after the adsorption 

step. The term 𝜔(𝑃, 𝑇) (Eq. (5)) is a weighting function that shifts the predicted equilibrium 

loading from the lower to the upper region of the isotherm model as the pressure increases, which 

enables the modeling of stepped behavior12. While it is difficult to find a rigorous physical 

interpretation of the weighting function, it helps to retain the characteristics of the underlying 

isotherm, offer flexibility, and have been used in the literature for modeling complex isotherm 

characteristics of some MOFs12,18. The terms 𝑛𝐿 and 𝑛𝑈 are given by Eqs. (2) and (3): 

𝑛𝐿 =
𝑛𝐿

∞𝑑𝐿𝑝

1 + 𝑑𝐿𝑝
+ 𝑑𝐵𝑝 (2) 

𝑛𝑈 =
𝑛𝑈

∞𝑑𝑈𝑝

1 + 𝑑𝑈𝑝
+ 𝑑𝐻𝑝 (3) 

𝑑∝ = 𝑑∝
∞exp (

𝐸∝

𝑅𝑇
) ;     ∝ ∈ [𝐿, 𝐵, 𝑈, 𝐻] (4) 

𝜔(𝑃, 𝑇) = (
exp (

ln(𝑝) − ln(𝑝𝑠𝑡𝑒𝑝(𝑇))
𝜎(𝑇)

)

1 + exp (
ln(𝑝) − ln(𝑝𝑠𝑡𝑒𝑝(𝑇))

𝜎(𝑇)
)

)

𝛾

 (5) 

𝜎(𝑇) = 𝑋1exp (𝑋2 (
1

𝑇0
−

1

𝑇
)) (6) 

𝑝𝑠𝑡𝑒𝑝(𝑇) = 𝑝𝑠𝑡𝑒𝑝,0exp (
−𝐻𝑠𝑡𝑒𝑝

𝑅
(

1

𝑇0
−

1

𝑇
)) (7) 

 

 We note that in Hefti et al.12, the 𝑛𝐿 parameter contains only the first term shown in Eq. 

(2); however, our initial results with this form showed poor model performance at pressures before 
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the adsorption step. Accordingly, in this work 𝑛𝐿 was altered to include the heuristic linear 𝑑𝐵𝑝 

term to improve the model, analogous to the form of upper isotherm parameter 𝑛𝑈. In Eq. (5), the 

parameters 𝑝𝑠𝑡𝑒𝑝 and 𝛾 determine the position of the step and 𝜎 determines the step width (here, 

pressure range). The parameters 𝑛𝐿
∞, 𝑛𝑈

∞, 𝑑∝
∞, 𝐸∝, 𝛾, 𝑋1, 𝑋2, 𝑝, 𝑃𝑠𝑡𝑒𝑝,0, and 𝐻𝑠𝑡𝑒𝑝 (a total of 15 

parameters) are determined from fits to the experimental data. All parameters derived from this 

model are given in Table S2 in the Supporting Information.  

 Previous characterization of various diamine-appended M2(dobpdc) frameworks via 13C 

solid-state NMR spectroscopy11 revealed that a small amount of CO2 is physisorbed in the 

materials in addition to the major chemisorption product. Accordingly, a dual-site Sips isotherm 

model was also used to model the equilibrium of chemisorbed and physisorbed CO2 in dmpn–

Mg2(dobpdc). This model is used to predict adsorption in heterogeneous systems and has been 

used previously to describe CO2 and methane uptake in Mg2(dobdc) (dobdc4− = 2,5-dioxido-1,4-

benzenedicarboxylate)19, while a single-site Sips equation with added temperature dependent 

terms has been used to model adsorption of N2, methane, ethane, and propane on commercial 

activated carbons and polyvinyl chloride20. The dual-site Sips model used in this work is given in 

Eqs. (8) and (9) and is a modified version of the model developed by Bao et al.19, with the 

introduction of temperature dependence in the terms 𝑞𝑐ℎ𝑒𝑚
∞ , 𝑞𝑝ℎ𝑦𝑠

∞ , and 𝑛𝑐ℎ𝑒𝑚. 

𝑞𝐶𝑂2

∗ = 𝑞𝑐ℎ𝑒𝑚
∗ + 𝑞𝑝ℎ𝑦𝑠

∗  (8) 

 

𝑞𝐶𝑂2

∗ = 𝑞𝑐ℎ𝑒𝑚
∞ [

(𝑏𝑐ℎ𝑒𝑚𝑝)1 𝑛𝑐ℎ𝑒𝑚⁄

1 + (𝑏𝑐ℎ𝑒𝑚𝑝)1 𝑛𝑐ℎ𝑒𝑚⁄
] + 𝑞𝑝ℎ𝑦𝑠

∞ [
(𝑏𝑝ℎ𝑦𝑠𝑝)

1 𝑛𝑝ℎ𝑦𝑠⁄

1 + (𝑏𝑝ℎ𝑦𝑠𝑝)
1 𝑛𝑝ℎ𝑦𝑠⁄

] 
(9) 

 

Here, 𝑞𝐶𝑂2

∗  is the total CO2 equilibrium loading predicted by the model, 𝑝 is the equilibrium 

pressure, and 𝑛𝑐ℎ𝑒𝑚 and 𝑛𝑝ℎ𝑦𝑠 are fit parameters that account for surface inhomogeneity19. The 

term 𝑛𝑐ℎ𝑒𝑚 varies as a function of temperature according to Eq. (10): 

𝑛𝑐ℎ𝑒𝑚 = 𝑛𝑐ℎ𝑒𝑚,0𝑒𝑥𝑝 [
𝐸𝑛

𝑅𝑇0
(

𝑇0

𝑇
− 1)] (10) 
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Here, R is the ideal gas constant, T0 is a reference temperature (318 K), and 𝑛𝑐ℎ𝑒𝑚,0 and 𝐸𝑛 are 

parameters determined from the fit. The terms 𝑞𝑐ℎ𝑒𝑚
∞  and 𝑞𝑝ℎ𝑦𝑠

∞  in Eq. (9) describe the maximum 

loading at chemisorption and physisorption sites, respectively, and are given by: 

𝑞𝑐ℎ𝑒𝑚
∞ = 𝑁𝑐ℎ𝑒𝑚 [

𝑒𝑥𝑝 (𝐾𝑎 +
𝐾𝑏

𝑇⁄ )

1 + 𝑒𝑥𝑝 (𝐾𝑎 +
𝐾𝑏

𝑇⁄ )
] (11) 

𝑞𝑝ℎ𝑦𝑠
∞ = 𝑁𝑝ℎ𝑦𝑠 [

𝑒𝑥𝑝 (𝐾𝑐 +
𝐾𝑑

𝑇⁄ )

1 + 𝑒𝑥𝑝 (𝐾𝑐 +
𝐾𝑑

𝑇⁄ )
] (12) 

 

Here, 𝑁𝑐ℎ𝑒𝑚 is the diamine loading in the MOF (determined experimentally to be 3.82 mmol/g8) 

and 𝐾𝑎, 𝐾𝑏, 𝐾𝑐, 𝐾𝑑, and 𝑁𝑝ℎ𝑦𝑠 are fit parameters. Eq. (11) was first derived for the chemisorption 

sites under the assumption that there is a 1:1 ratio of diamine to chemisorbed CO2, and Eq. (12) 

was adopted for the physisorption sites and is analogous to the form of Eq. (11). Parameters 𝑏𝑐ℎ𝑒𝑚 

and 𝑏𝑝ℎ𝑦𝑠 in Eq. (9) are adsorption equilibrium constants for the two adsorption sites, defined by 

Eq. (13). 

𝑏∝ = 𝑏∝,0exp [
𝑄𝑠𝑡,∝

𝑅𝑇0
(

𝑇0

𝑇
− 1)] , ∝∈ [𝑐ℎ𝑒𝑚, 𝑝ℎ𝑦𝑠] (13) 

Here, 𝑄𝑠𝑡,𝑗 are the isosteric heats of adsorption at zero loading19 at each adsorption site that are 

also determined from the fit, and R is the ideal gas constant. Overall, the dual-site Sips model has 

12 parameters that are estimated using the experimental data. All estimated parameters determined 

for the Sips model are given in Table S3 in the Supporting Information. 

 Model parameters were estimated using the ‘fmincon’ routine in MATLAB, which uses a 

sequential quadratic programming algorithm to solve the following optimization problem: 

 

min

𝜃
 (

𝑞𝐶𝑂2,𝑒𝑥𝑝
∗ − 𝑞𝐶𝑂2,𝑚𝑜𝑑𝑒𝑙

∗

𝑞𝐶𝑂2,𝑒𝑥𝑝
∗ )

′

Σ−1 (
𝑞𝐶𝑂2,𝑒𝑥𝑝

∗ − 𝑞𝐶𝑂2,𝑚𝑜𝑑𝑒𝑙
∗

𝑞𝐶𝑂2,𝑒𝑥𝑝
∗ ) 

 

s.t. 
 
𝑓(𝜃) = 0 
𝑔(𝜃) ≤ 0 

(14) 
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where 𝑞𝐶𝑂2,𝑒𝑥𝑝
∗  represents the experimental equilibrium loading data, 𝑞𝐶𝑂2,𝑚𝑜𝑑𝑒𝑙

∗  represents the 

model prediction, 𝜃 represents the vector of estimated parameters, and 𝑓(𝜃) and 𝑔(𝜃) represent 

the equality and inequality constraints, respectively. For this problem, the equality constraints 

consist of the isotherm equations for the model of interest listed above, and the inequality 

constraints consist of upper and lower bounds for the model parameters. The objective function 

uses a normalized least squares method with a weighting matrix Σ−1. Because a larger number of 

experimental data points were available at lower pressures than at higher pressure (e.g., see Fig. 

3), a weighted objective function was used where the weight for each data point was set to be 

inversely proportional to the number of data points that are in the same neighborhood of partial 

pressure as the data point that is being evaluated. Accordingly, the data were divided up into 

intervals, or bins, of equal length with respect to partial pressure. The bin size was chosen so that 

every bin contained at least one data point. The weight of a specific data point is then equal to the 

inverse of the number of data points in the bin where the data point of interest resides. 

 2.2 Reaction Kinetics Model. The kinetics of CO2 adsorption in powdered dmpn–

Mg2(dobpdc) were characterized using thermogravimetric analysis. Time-dependent uptake data 

were collected at temperatures of 35, 40, 45, and 50 °C using a pure CO2 gas stream at atmospheric 

pressure, following the experimental protocol in Martell et al.21. The total CO2 adsorption rate was 

modeled as the sum of the chemisorption and physisorption rates, and a linear driving force was 

used to model the kinetics as shown in Eqs. (15) through (17). 

𝑑𝑞𝐶𝑂2

𝑑𝑡
=

𝑑𝑞𝑐ℎ𝑒𝑚

𝑑𝑡
+

𝑑𝑞𝑝ℎ𝑦𝑠

𝑑𝑡
= 𝑘𝑐ℎ𝑒𝑚(𝑞𝑐ℎ𝑒𝑚

∗ − 𝑞𝑐ℎ𝑒𝑚) + 𝑘𝑝ℎ𝑦𝑠(𝑞𝑝ℎ𝑦𝑠
∗ − 𝑞𝑝ℎ𝑦𝑠) (15) 

𝑘𝑐ℎ𝑒𝑚 = 𝑘𝑐ℎ𝑒𝑚,0𝑒𝑥𝑝 [
−𝐸𝑐ℎ𝑒𝑚

𝑅𝑇0
(

𝑇0

𝑇
− 1)] (16) 

𝑘𝑝ℎ𝑦𝑠 = 𝑘𝑝ℎ𝑦𝑠,0𝑒𝑥𝑝 [
−𝐸𝑝ℎ𝑦𝑠

𝑅𝑇0
(

𝑇0

𝑇
− 1)] (17) 

Here, 𝑞𝑐ℎ𝑒𝑚 and 𝑞𝑝ℎ𝑦𝑠 are the loadings of the chemisorption and physisorption products, 

respectively, and 𝑞𝑐ℎ𝑒𝑚
∗  and 𝑞𝑝ℎ𝑦𝑠

∗  are the predicted equilibrium loadings as defined above for the 

dual-site Sips isotherm model. The parameters 𝑘𝑐ℎ𝑒𝑚 and 𝑘𝑝ℎ𝑦𝑠 are mass transfer coefficients 

modeled using a standard Arrhenius equation, and 𝑘𝑐ℎ𝑒𝑚,0, 𝑘𝑝ℎ𝑦𝑠,0, 𝐸𝑐ℎ𝑒𝑚, and 𝐸𝑝ℎ𝑦𝑠 are 

parameters determined from fitting the model to the experimental data. Model parameters were 
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estimated using the fmincon routine in MATLAB and a sequential quadratic programming 

algorithm to solve the following optimization problem: 

min

𝜃
(

𝑞𝐶𝑂2,𝑒𝑥𝑝 − 𝑞𝐶𝑂2,𝑚𝑜𝑑𝑒𝑙

𝑞𝐶𝑂2,𝑒𝑥𝑝
)

′

Σ−1 (
𝑞𝐶𝑂2,𝑒𝑥𝑝 − 𝑞𝐶𝑂2,𝑚𝑜𝑑𝑒𝑙

𝑞𝐶𝑂2,𝑒𝑥𝑝
) 

s.t. 

 
𝑓(𝜃) = 0 
𝑔(𝜃) ≤ 0 

(18) 

 

where 𝑞𝐶𝑂2,𝑒𝑥𝑝 represents the experimental loading data, 𝑞𝐶𝑂2,𝑚𝑜𝑑𝑒𝑙 represents the model prediction, 

𝜃 represents the vector of estimated parameters, and 𝑓(𝜃) and 𝑔(𝜃) represent the equality and 

inequality constraints, respectively. For this problem, the equality constraints consist of the kinetic 

equations listed above, and the inequality constraints consist of upper and lower bounds for the 

model parameters. 

 2.3 Fixed Bed Reactor Model. A first principles fixed bed model that can predict key 

mass and heat transfer phenomena can be instrumental when attempting to find optimal contactor 

designs, process parameters, and evaluate process performance. In this work, we modeled an axial-

flow fixed bed using Aspen Adsorption V9, which contains a framework that simultaneously 

solves sets of equations comprising mass, momentum, and energy conservation. For cooling during 

CO2 capture and heating during desorption, the fixed bed reactors were modeled with an embedded 

heat exchanger with a configuration similar to a shell-and-tube heat exchanger. In this 

configuration, multiple tubes are located inside the reactor, with the heat transfer fluid located in 

the tube side and the shaped adsorbent particles located in the shell side surrounding the tubes (see 

Fig. 1). For this work, a reactor is defined as the equipment that contains the bed of adsorbent 

particles and the embedded heat exchanger. The key assumptions of our model include:  

(1) one-dimensional axial variation of the transport variables (i.e., concentration, temperature, 

velocity, and pressure) and  

(2) negligible spatial variation of the temperature within individual particles. 

Axial dispersion is neglected since in the velocity range considered in this study and due to the 

reasonably fast kinetic and mass transfer rates, convective flux is found to be the dominating 

mechanism. It can be noted that consideration of the axial dispersion term can considerably add to 
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the computational expense. Several studies were conducted, and it was observed that if axial 

dispersion is considered, the cycle time differs by less than 0.1% while the CPU time for the 

simulation increases by more than 20% when compared to the model with no axial dispersion. 

Therefore, the axial dispersion term is no more considered. The model also accounts for external 

and internal mass transfer limitations and heat transfer between the gas and solid phase as well as 

the gas phase and embedded exchanger. The current model considers that CO2 is the only adsorbed 

species, and that the presence of O2, N2, and H2O does not affect the adsorption equilibrium or 

mass transfer of CO2 given that O2 and N2 isotherms for dmpn-Mg2(dobpdc) show adsorption of 

these species is negligible while maintaining a high selectivity of CO2
8, and dry and humid 

breakthrough data for dmpn–Mg2(dobpdc) using 15% CO2 in N2 are nearly identical8. O2 and N2 

are also likely to have a negligible effect on the purity of the regenerated CO2 stream. Milner et 

al.8 show that at compositions typical for coal flue gas, CO2 will make up greater than 99% of the 

total adsorbed content of CO2, O2, and N2 based on non-competitive adsorption equilibrium data. 

The energy released by these species is also expected to be negligible due to the small amounts 

adsorbed when compared to CO2. Additionally, although the underlying mechanism of adsorption 

has been shown to change in the presence of water, the CO2 capacity remains the same as that 

under dry conditions11. 

 2.3.1 Bulk Gas Phase Species Balance.  

𝜀𝑏

𝜕𝐶𝑔,𝑖

𝜕𝑡
= −

𝜕(𝑣𝑔𝐶𝑔,𝑖)

𝜕𝑧
− (1 − 𝜀𝑏)

6𝑘𝑓,𝑖

𝑑𝑝
(𝐶𝑔,𝑖 − 𝐶𝑠𝑢𝑟𝑓,𝑖) (19) 

The gas phase species balance given in Eq. (19) relates the accumulation of gaseous species i to 

the axial convection and also the mass transfer of the gas to the solid phase. In this equation, 𝜀𝑏 

represents the voidage in the bed, 𝐶𝑔,𝑖 represents the bulk gas phase concentration of species i, 𝑣𝑔 

is the superficial gas phase velocity, 𝑘𝑓,𝑖 is the gas-phase film mass transfer coefficient, 𝑑𝑝 is the 

diameter of the particle, and 𝐶𝑠𝑢𝑟𝑓,𝑖 is the concentration of species i at the surface of the particle. 

The difference between the bulk gas phase concentration and the gas phase concentration at the 

particle surface determines the driving force for gas phase mass transfer. 

 2.3.2 Mass Transfer. For shaped particles that are used in a fixed bed contactor, the mass 

transfer mechanisms captured in the kinetic model developed in Section 2.2 will still be present, 

with the addition of particle diffusion. To account for this additional mechanism, the mass 
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transfer coefficients used in the fixed bed reactor model include particle diffusion and reaction 

kinetics. The overall mass transfer resistance from the shaped particles was modeled as the sum 

of the mass transfer resistances due to macropore particle diffusion22 and the reaction kinetics for 

both the chemisorption and physisorption products, as given in Eqs. (20) and (21).   

1

𝑘𝑂𝐶
=

𝑟𝑝
2

15𝜀𝑝𝐷𝑒𝑓𝑓
+

1

𝑘𝑐ℎ𝑒𝑚
 (20) 

1

𝑘𝑂𝑃
=

𝑟𝑝
2

15𝜀𝑝𝐷𝑒𝑓𝑓
+

1

𝑘𝑝ℎ𝑦𝑠
 (21) 

𝑘𝑂𝐶 and 𝑘𝑂𝑃 are the overall mass transfer coefficients for the physisorbed and chemisorbed 

products, respectively, and 𝑘𝑐ℎ𝑒𝑚 and 𝑘𝑝ℎ𝑦𝑠 are defined in Eqs. (16) and (17). 𝐷𝑒𝑓𝑓 is the effective 

particle diffusion given by: 

𝐷𝑒𝑓𝑓 = 𝐶1(𝑇𝑠)0.5 (22) 

The parameter 𝐶1 encapsulates all particle diffusion mechanisms and is estimated using fixed bed 

experimental breakthrough data. Additionally, experimental data for parameter estimation of the 

effective diffusion model is only available for a single temperature, so the model assumes that the 

effective diffusion will vary with a square root relationship to temperature, which is common for 

Knudsen type diffusion23. These coefficients are then used in a similar linear driving force model 

which, for clarity, is given in Eq. (23) 

𝑑𝑞𝐶𝑂2

𝑑𝑡
=

𝑑𝑞𝑐ℎ𝑒𝑚

𝑑𝑡
+

𝑑𝑞𝑝ℎ𝑦𝑠

𝑑𝑡
= 𝑘𝑂𝐶(𝑞𝑐ℎ𝑒𝑚

∗ − 𝑞𝑐ℎ𝑒𝑚) + 𝑘𝑂𝑃(𝑞𝑝ℎ𝑦𝑠
∗ − 𝑞𝑝ℎ𝑦𝑠) 

(23) 

The rate of adsorption/desorption in an adsorbent particle is calculated assuming a linear driving 

force: 

𝑅𝑖 =
6𝑘𝑓,𝑖

𝑑𝑝
(𝐶𝑔,𝑖 − 𝐶𝑠𝑢𝑟𝑓,𝑖) = 𝜌𝑠

𝜕𝑞𝑖

𝜕𝑡
 (24) 

where 𝑘𝑓,𝑖 is the external (gas film) mass transfer coefficient and 𝐶𝑠𝑢𝑟𝑓,𝑖 is the concentration of the 

gas at the particle surface. Eq. (24) determines 𝐶𝑠𝑢𝑟𝑓,𝑖 and accounts for any external mass transfer 

resistance across the gas film that surrounds the particle. 
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 2.3.4 Gas and Solid Phase Energy Balances. The bulk gas phase energy balance is given 

in Eq. (25) and relates the change in temperature of the gas to axial heat convection, gas expansion 

or compression, heat transfer between the gas and solid phase, and heat transfer to the embedded 

heat exchanger. 

𝜀𝑏𝜌𝑔𝐶𝑣,𝑔

𝜕𝑇𝑔

𝜕𝑡
= −𝜌𝑔𝐶𝑣,𝑔𝑣𝑔

𝜕𝑇𝑔

𝜕𝑧
− 𝑃

𝜕𝑣𝑔

𝜕𝑧
− (1 − 𝜀𝑏)𝑎𝑝ℎ𝑓(𝑇𝑔 − 𝑇𝑠) − 𝑎𝐻𝑋ℎ𝐻𝑋(𝑇𝑔 − 𝑇𝑡) (25) 

Here, 𝜌𝑔 is the density of the gas, 𝐶𝑣,𝑔 is the constant volume heat capacity of the gas, 𝑎𝑝 is the 

specific surface area of the particle, ℎ𝑓 is the heat transfer coefficient for gas and solid phase heat 

transfer, 𝑎𝐻𝑋 is the specific surface area for heat transfer with the embedded heat exchanger, ℎ𝐻𝑋 

is the heat transfer coefficient for the embedded heat exchanger, and 𝑇𝑡 is the temperature of the 

heat exchange medium in the tube. 

 The solid phase energy balance is given by: 

𝜌𝑠𝐶𝑝,𝑠

𝜕𝑇𝑠

𝜕𝑡
= 𝜌𝑠(−∆𝐻𝐶𝑂2

)
𝑑𝑞𝐶𝑂2

𝑑𝑡
+ 𝑎𝑝ℎ𝑓(𝑇𝑔 − 𝑇𝑠) (26) 

The solid phase energy balance relates the change in the temperature of the adsorbent to the heat 

of adsorption and the heat transfer with the gas phase. Here, 𝜌𝑠 is the solid density, 𝐶𝑝,𝑠 is the 

heat capacity of the solid, and −∆𝐻𝐶𝑂2
 is the heat of adsorption (see Table 1). Here −∆𝐻𝐶𝑂2

 is 

the isosteric heat of adsorption and considered to be constant. A more rigorous approach would 

be to estimate −∆𝐻𝐶𝑂2
 as a function of loading and  temperature possibly considering a 

chemistry model.  

 2.3.5 Embedded Heat Exchanger. The embedded exchanger was designed considering a 

triangular pitch tube arrangement and the configuration of the exchanger was determined using 

Eq. (27) and (28) 24. 

𝑁𝑡 = (𝐶𝑇𝑃)
𝜋𝐷𝑥

2

4𝐴1
 (27) 

𝐴1 = (𝐶𝐿)𝑃𝑡
2 (28) 

Here, 𝐷𝑥 is the reactor diameter, 𝑁𝑡 is the total number of tubes present in the reactor, 𝐴1 is the 

cross-sectional area of a repeating unit in the reactor that contains a single tube, and 𝑃𝑡 is the tube 
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pitch. CTP and CL are the tube count calculation constant and the tube layout constant, 

respectively; for one tube pass, CTP = 0.93 and CL = 0.87 for 30 and 60 equilateral tri pitch. 

Similar configurations can be found in the modeling studies performed by Kim et al.25 and 

Kotamreddy et al.26. 

 The heat transfer coefficient between the gas phase and the embedded heat exchanger (ℎ𝐻𝑋) 

was calculated using correlations from Penny et al.27. 

𝑁𝑢𝐻𝑋 =
ℎ𝐻𝑋𝑑𝑡

𝑘𝑒𝑓𝑓
= (0.333 + 0.26𝑅𝑒𝑑𝑡

0.533)𝑃𝑟0.33 (
𝑑𝑡

𝑑𝑝
)

0.1

 (29) 

Here, 𝑅𝑒𝑑𝑡
 is the Reynolds number as a function of the heat exchanger tube diameter, 𝑑𝑡: 

𝑅𝑒𝑑𝑡
=

𝑑𝑡𝜌𝑔𝑣𝑔

𝜇𝑔
 (30) 

The parameter Pr is the Prandtl number given by: 

𝑃𝑟 =
𝐶𝑝,𝑔𝜇𝑔

𝑘𝑔
 (31) 

and 𝑘𝑒𝑓𝑓 is the effective thermal conductivity and is a function of the gas thermal conductivity, 

solid thermal conductivity, and void fraction of the bed. 

𝑘𝑒𝑓𝑓 = 𝑘𝑔 {1 − √(1 − 𝜀𝑏) +
2√(1 − 𝜀𝑏)

1 − 𝜆𝛽
∗ [

(1 − 𝜆)𝛽

(1 − 𝜆𝛽)2
ln (

1

𝜆𝛽
) −

𝛽 + 1

2
−

𝛽 − 1

1 − 𝜆𝛽
]} (32) 

𝜆 =
𝑘𝑔

𝑘𝑠
 (33) 

𝛽 = 1.25 [
1 − 𝜀𝑏

𝜀𝑏
]

10
9

 (34) 

 2.3.6 Pressure Drop. The pressure drop across the bed was modeled using the Ergun 

equation22 (Eq. (35)), which relates the change in pressure to the gas superficial velocity, gas 

viscosity, as well as other bed properties such as bed voidage and particle diameter.  
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−
𝜕𝑃𝑔

𝜕𝑧
=

150 𝜇𝑔(1 − 𝜀𝑏)2𝑣𝑔

𝜀𝑏
3 𝑑𝑝

2 +
1.75(1 − 𝜀𝑏)𝜌𝑔|𝑣𝑔|𝑣𝑔

𝜀𝑏
3 𝑑𝑝

 (35) 

 2.3.7 External Heat and Mass Transfer Coefficients. The gas-to-solid heat transfer 

coefficient was modeled using correlations from Cavenati et al.28 as follows: 

𝑁𝑢𝑓 = 2 + 1.1𝑅𝑒0.6𝑃𝑟1/3 =
ℎ𝑓𝑑𝑝

𝑘𝑔

 (36) 

Similarly, the gas-to-solid mass transfer coefficient is given by: 

𝑆ℎ = 2 + 1.1𝑅𝑒0.6𝑆𝑐1/3 =
𝑘𝑓𝑑𝑝

𝐷𝑔
 (37) 

where Sc is the Schmidt number given by: 

𝑆𝑐 =
𝜇𝑔

𝜌𝑔𝐷𝑔
 (38) 

Table 1 lists model parameters that were set as constants. In Milner et al.8, the heat of CO2 

adsorption was found to vary with loading, and the value used in this work is the average heat of 

adsorption over the entire experimental loading range previously characterized for dmpn–

Mg2(dobpdc). Similarly, the adsorbent heat capacity is based on experimental measurements 

performed by Milner et al.8. Model parameters which correspond to the configuration of a shaped 

particle and its arrangement in a contactor (𝜀𝑏, 𝜌𝑠, and 𝑑𝑝) are based on the lab-scale fixed-bed 

experimental setup of Milner et al.8 for compressed, semi-spherical pellets of dmpn–Mg2(dobpdc). 

Heat exchanger design variables (𝑑𝑡 and 𝑃𝑡) are similar to the literature and result in a specific 

heat exchange area of 53 m2/m3 which is similar to other studies found in literature26. 

Table 1 

Fixed bed reactor model constants. 

Parameter Value Units 

Heat of CO2 Adsorption (∆𝑯𝑪𝑶𝟐
)  −65 [kJ/mol] 

Adsorbent Heat Capacity (𝑪𝒑,𝒔) 1.457 [kJ·kg-1·K-1] 

Bed Voidage (𝜺𝒃) 0.68 [m3 void/m3 bed] 

Density of adsorbent particle (𝝆𝒔) 1000 [kg/m3] 

Particle diameter (𝒅𝒑) 525 [µm] 

Diameter of heat exchanger tubes (𝒅𝒕) 1 [inches] 

Heat exchanger tube pitch (𝑷𝒕) 0.04 [m] 
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 2.4 Post-Combustion CO2 Capture Process Configuration. A commercial-scale post-

combustion temperature swing adsorption (TSA) process model was developed. The cycle begins 

by flowing the flue gas through a regenerated bed until the bed reaches its breakthrough time. The 

breakthrough time is defined as the maximum allowable time in which the integral CO2 slip, or 

CO2 that exits the bed, is equal to 10% of the total CO2 that has been fed to the bed during the 

current adsorption step (i.e., 90% integral CO2 capture) 26. This scenario is described by Eq. (39). 

0.1 ∗ ∫ 𝐹𝑖𝑛 𝑦𝐶𝑂2,𝑖𝑛𝑑𝑡
𝑡0+𝑡𝑏

𝑡0
= ∫ 𝐹𝑜𝑢𝑡 𝑦𝐶𝑂2,𝑜𝑢𝑡𝑑𝑡

𝑡0+𝑡𝑏

𝑡0
  (39) 

Once the bed reaches its breakthrough time, it is effectively saturated and therefore the flow of 

flue gas to the bed is stopped and desorption (regeneration) begins.  

 Two different configurations for the TSA cycle were considered as shown in Fig. 1. The 

basic configuration (Fig. 1a) uses condensing steam as the heating medium in the embedded heat 

exchanger during desorption: steam is introduced into both the embedded exchanger (indirect 

steam) as well as directly injected into the bed (direct steam). The direct steam provides much less 

heat than the indirect steam because it is not condensed in the bed, and its primary purpose is to 

lower the partial pressure of CO2 in the bed and thereby aid in desorption. The modified 

configuration (Fig. 1b) utilizes cooling water in the embedded exchanger during the adsorption 

step to aid in the removal of heat generated upon adsorption and therefore improve bed 

performance. Note that the use of steam for desorption in this configuration would require that the 

cooling water first be completely removed from the heat exchanger (for example, using pressured 

air) to prevent hydraulic shock and potential mechanical damage. In order to avoid the time and 

cost penalties associated with this added step, hot water (generated in an external heat exchanger 

by condensing steam) is used as the indirect heating medium during desorption. The use of hot 

water instead of steam leads to a lower internal heat transfer coefficient for the embedded heat 

exchanger. However, assuming heuristic heat transfer coefficient values29 of 850 W·m-2·K-1 for 

condensing steam, 560 W·m-2·K-1 for liquid-to-solid, and 60 W·m-2·K-1 for gas-to-solid, a quick 

estimation of the overall heat transfer coefficient (1 𝑈⁄ = 1 ℎ1⁄ + 1 ℎ2⁄ ) results in 56 and 54 W·m-

2·K-1, a less than 5% difference and shows that the external heat transfer coefficient between the 

tube wall and flowing gas is limiting for this system. The driving force for desorption is lower 

when using hot water, given that the temperature of the water will decrease along its flow direction. 
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However, this effect can be compensated by increasing the inlet water temperature. Finally, similar 

to the basic TSA process, direct steam is also introduced into the bed during desorption. For both 

configurations, the desorption step continues until the average particle loading throughout the bed 

reaches a desired value. Then, the bed is cooled to the desired initial temperature for the next 

adsorption step. This adsorption–desorption cycle is repeated several times until the differences 

between loading and temperature profiles for successive cycles are below a minimum convergence 

value, achieving a cyclic steady state30. The results presented below are cyclic steady state results.  

 In both models, a sufficient number of adsorbent beds were configured in parallel in order 

to continuously process large amounts of flue gas, with the assumption that adsorption and 

desorption are occurring simultaneously in different beds. The total number of beds needed for the 

TSA process was calculated by solving a scheduling problem that guarantees enough parallel beds 

are available to continuously process the flue gas. A simplified diagram of the parallel 

configuration developed for the basic TSA cycle is shown in Fig. 2. 
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Fig. 1. Configuration steps for the basic TSA process (upper) and the modified TSA process 

(lower). 
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Fig. 2. Simplified diagram of the parallel bed configuration used in modeling the basic TSA cycle. 

A process that uses n beds is shown, with dashed lines representing the possibility of introducing 

more beds.  

 

 2.5 Cost Model. The costs for equipment items used in the process models were 

determined using the Aspen Process Economic Analyzer (APEA). The reactors and compressors 

were considered to be the dominant capital costs. The reactors modeled here are very similar in 

configuration to shell and tube heat exchangers and were priced using APEA. However, the heat 

transfer area for the reactors considered in the basic and modified processes exceeds the maximum 

heat transfer area that can be priced in APEA, so the estimated cost for a reactor size of interest 

was calculated using the following equation29: 

Esimated cost = Base cost (
required area

base area
)

0.6

  (40) 

Here, the base area is the maximum heat exchange area that can be priced in APEA, the base cost 

is the cost associated with the base area, and the required area is the area for the reactor of interest. 

The capital costs considered in this work are bare module costs which are obtained using 

correlations from Turton et al.29. The bare module method of costing uses the purchased cost of 

equipment, which is obtained from APEA and Eq. (40) in this work, and multiplies it by a factor 

to account for additional expenses due to labor, installation, overhead, and transportation29. The 

capital costs were then amortized over the projected plant life. The discount rate (or interest rate) 

was assumed to be 10% and the lifespan of the reactors and compressors was set at 10 years. The 
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other major costs considered in this work are the operating costs due to steam, cooling water, and 

electricity. These costs are calculated based on the amount used, which is obtained from 

simulations, and utility prices (see Table S1) obtained from Turton et al.29. The equivalent annual 

operating cost (EAOC) was then calculated using Eq. (41). 

EAOC =  Capital cost
 Discount rate

(1 − (1 + Discount rate)−Number of years)
+ Yearly Operating Costs  (41) 

 We also determined the EAOC of a conventional post-combustion capture system using 

monoethanolamine (MEA) for comparison. Capital and operating costs for the MEA system were 

obtained from a study published by the National Energy Technology Laboratory 31.  

 

3. RESULTS AND DISCUSSION 

 3.1. Isotherm Model Development. As noted earlier, 15 and 12 parameters are estimated 

for the dual-site Langmuir model and dual-site Sips model, respectively. For estimating these 

parameters, more than 500 isotherm data showing variation in loading with respect to temperature 

and pressure have been used. About 100 isotherm data are used for model validation. Various 

initial guesses were investigated, and the optimizer converged to the same optimal estimates. 

Experimental adsorption data for dmpn–Mg2(dobpdc)8 and corresponding fits derived using the 

dual-site Sips and weighted dual-site Langmuir isotherm models are shown in Fig. 3 (see Tables 

S2 and S3 for the corresponding model parameters and Fig. S9 for residual plots for the isotherm 

model development). To better visualize the fits to the data, the results shown in Fig. 3 are also 

presented on a linear scale with respect to partial pressure in Figs. S10 and S11. Both models are 

able to accurately predict the step locations at all temperatures. The Sips model also provides a 

good fit to the data before the step transition, but the goodness of the fit diminishes at low 

temperatures and high pressures. In contrast, the weighted Langmuir model provides a better fit to 

the data beyond the adsorption step but does not adequately fit the upper region of the adsorption 

step, particularly at 60 and 75 °C. However, both models show good agreement with the 

experimental data under conditions relevant to a typical post-combustion TSA process, namely 

adsorption between 25 and 50 °C at partial pressures between 0.01 and 0.15 bar and desorption 

between 75 and 120 °C at partial pressures that encompass the range of experimental partial 

pressures.  
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 During a TSA cycle, the temperatures and partial pressures within the bed can reach values 

that are between the boundary conditions for adsorption and desorption. Models developed using 

only experimental data pertaining to those conditions may therefore perform poorly under 

intermediate conditions. Considering this, additional adsorption data were collected at 80 and 90 

°C and used for model validation for both isotherm models (Fig. 4). At 80 °C, the dual-site Sips 

model predicts a less abrupt step than is present in the experimental data, whereas there is no clear 

step in the weighted dual-site Langmuir model at the same temperature. At 90 °C, both models 

predict slightly higher loadings than are observed experimentally, although it is clear that the Sips 

model performs better overall. Based on the above results and the root mean squared error for each 

model (Table S4), the dual-site Sips model was selected to predict all subsequent adsorption 

equilibria.,  has  

 

Fig. 3. Experimental CO2 adsorption isotherms for dmpn–Mg2(dobpdc) at the indicated 

temperatures (colored symbols) and fits (colored lines) using a dual-site Sips isotherm model 

(upper) and a weighted dual-site Langmuir isotherm model (lower).  
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Fig. 4. Model validation results for the dual-site Sips model (upper) and weighted dual-site 

Langmuir model (lower). Experimental CO2 adsorption data for dmpn–Mg2(dobpdc) at 80 and 90 

°C are shown as colored symbols and fits to the data are shown as colored lines.  

 

 3.2 Kinetic Model Parameter Estimation. Experimental kinetics data for the adsorption 

of pure CO2 in dmpn–Mg2(dobpdc) were used to estimate the parameters for the kinetic model 

presented in Section 2.2. As seen in Fig. 5, the linear driving force kinetic model is able to 

accurately describe the kinetics of CO2 uptake in dmpn–Mg2(dobpdc).  
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Fig. 5. Experimental data for time-dependent CO2 adsorption in dmpn−Mg2(dobdc) (colored 

symbols) and fits obtained using the linear driving force kinetic model in Section 2.2 (lines), 

yielding parameters kchem,0 = 0.0136 s−1 / Echem = 23.21 kJ/mol and kphys,0 = 0.0823 s−1 / Echem = 7.18 

kJ/mol (root mean squared error = 0.025). 

 

 3.3 Fixed Bed Model Validation and Parameter Estimation. The fixed bed model 

presented in Section 2.3 was validated using experimental breakthrough data previously collected 

for compressed, semi-spherical pellets of dmpn–Mg2(dobpdc) (see Table 2 for the breakthrough 

conditions and Milner et al.8 for breakthrough experiment details). It can be noted that the 

breakthrough experiments are operated isothermally using a water bath, so thermal fronts are 

expected to be negligible. The isothermal assumption is also corroborated with temperature 

measurements of the outlet gas which show almost no change (<1 °C) from the design/bed 

temperature throughout the entire length of the experiment. The effective diffusion, Deff, for the 

framework particles was calculated using Eq. (22) and a value of C1 = 4.11×10−12 m2·K-0.5·s-1, 

which was determined using a least squares estimator and a quasi-Newton based algorithm 

available in Aspen Adsorption. As shown in Fig. 6, the fixed bed model reproduces both the 

breakthrough time and the shape of the breakthrough curve, confirming that the bed adsorption 

capacity and the kinetics of the system under these conditions are well predicted by the model. 
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Table 2 

Experimental breakthrough conditions used to collect data to validate the fixed bed model. 

Variable Value Units 

Bed Length 13.34 [cm] 

Bed Diameter  0.46 [cm] 

Temperature  40 [°C] 

Pressure  1 [bar] 

Volumetric Flow Rate  10 [sccm] 

yCO2 0.15 [mol fraction] 

yN2 0.85 [mol fraction] 

 

 

 
Fig. 6. Comparison of breakthrough model prediction (black trace) and experimental breakthrough 

data (blue trace). The normalized outlet concentration, C/C0, represents the concentration of gas 

phase CO2 exiting the bed relative to gas phase CO2 entering the bed (root mean squared error = 

0.051). 

 

 3.4 Thermal Management Studies. Adsorption of CO2 in dmpn–Mg2(dobpdc) is highly 

exothermic, and the heat released upon CO2 uptake, coupled with the low material heat capacity, 

is expected to result in large temperature spikes during the adsorption step. Additionally, CO2 

adsorption isobars for dmpn–Mg2(dobpdc)8 indicate that the breakthrough curves will be highly 

sensitive to temperature. In order to investigate the effects of temperature in greater detail, we 

simulated isothermal and adiabatic cases using the process conditions outlined in Table 3. The 

isothermal case study assumes perfect removal of the heat generated during adsorption, whereas 

no heat removal is considered for the adiabatic case study. As shown in Fig. 7, the breakthrough 

time in the isothermal scenario is much higher than in the more realistic adiabatic case (80.4 versus 
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22.7 min, respectively); in other words, achieving perfect heat removal would increase the amount 

of captured CO2 by nearly a factor of four. The reduced performance in the adiabatic case can be 

understood by examining the bed temperature and loading as a function of time (Fig. 8). Here, 

large temperature spikes of ~40 °C lead to poor CO2 loading throughout the majority of the bed. 

For example, at the bed entrance, initial rapid loading of CO2 causes a temperature spike that 

results in a much slower continued rate of CO2 uptake. Incoming flue gas serves to gradually cool 

the entrance after this spike, but the uptake rate never achieves the initial value. Similarly, 

temperature spikes at the middle and end of the bed result in a complete plateau in CO2 uptake at 

a low loading. These results indicate that efficient heat removal during adsorption would be critical 

for realizing the potential of dmpn–Mg2(dobpdc) in a real-world process. 

 
Fig. 7. Modeled breakthrough curves for isothermal and adiabatic case studies discussed in the 

text. The normalized outlet concentration C/C0 represents the concentration of gas phase CO2 

exiting the bed relative to gas phase CO2 entering the bed. Vertical lines correspond to the 

breakthrough times for each scenario. 

 



25 

 

 
Fig. 8. Dynamic loading (upper) and temperature (lower) profiles at the entrance, middle, and exit 

of the bed for the adiabatic case study. 

 

Table 3 

Process conditions for thermal management case studies. 

Variable Value Units 

Flue Gas Pressure 1.1 [bar] 

Flue Gas Temperature 25 [°C] 

Flue Gas Flow rate  120 [mol/s] 

Flue Gas Composition    

yCO2 0.132 [mol fraction] 

yH2O 0.055 [mol fraction] 

yN2 0.813 [mol fraction] 

Bed Length  10 [m] 

Bed Diameter  3 [m] 

Initial Bed Temperature  25 [°C] 

Initial Bed Loading  0 [mol/kg] 

 

 3.5 Techno-Economic Analysis Studies. 3.5.1 Impact of Operating Conditions on 

Process Economics. In this section, we present an analysis of process economics sensitivity to the 

residence time of flue gas in the bed and the bed temperature at the onset of adsorption. Flue gas 

residence time—which is determined from the volumetric flow of the gas to a single bed, bed 

length, and bed diameter—directly impacts the number of beds required in the process and 
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therefore the capital costs. For example, increasing the volumetric flow of the flue gas can decrease 

the residence time and therefore the number of adsorption beds required to simultaneously process 

a given amount of flue gas. Conversely, an increase in residence time will generally lead to an 

increase in the breakthrough time and reduce the cycling rate of the beds but will result in a 

monotonic increase in the number of required adsorption beds. The importance of temperature and 

its relation to adsorption capacity and performance has been highlighted in previous sections. It is 

relevant to note that the pre-adsorption cooling step can add to the total cycle time and increase 

the number of beds required and therefore the capital costs. However, this time can be considerably 

reduced by using large flowrate of a gas for cooling like air from the forced draft fan in a pulverized 

coal plant. In addition, for the modified process, the embedded cooler rapidly cools the sorbent 

therefore adding an embedded cooler in the pre-adsorption step can further reduce the time for 

cooling. Therefore, we assume that the cooling time is insignificant when compared to the time 

required for adsorption/desorption and it is therefore not considered in the cycle time evaluation. 

 Given the importance of these parameters, we analyzed the sensitivity of the TSA process 

economics to residence times ranging from 13.9 to 46.5 s at bed temperatures of 25, 35, and 40 

°C. For this analysis, it is assumed that the flue gas is available at the same temperature as the 

initial adsorption temperature. The flue gas conditions used for this analysis correspond to case 

11B in the National Energy Technology Laboratory baseline study31. The gas was assumed to be 

generated from a 644 MWe gross power subcritical pulverized coal power plant and to enter the 

adsorption bed at water saturation for each examined temperature, due to the typical presence of a 

scrubber before the capture system31. Important process variables are shown in Table 4, and the 

results of the cost analyses are given in Fig. 9 for the basic and modified TSA process scenarios. 

For the basic process, the EAOC decreases with decreasing residence time down to ~20 s, 

reflecting the fact that fewer adsorption beds are required to treat a given quantity of flue gas. 

However, as the residence time decreases, the superficial velocity of the flue gas in the bed 

correspondingly increases, resulting in a larger pressure drop across the bed (see Eq. (35)). In order 

to maintain a required outlet pressure of 1 bar, compressors become necessary below a certain 

residence time to achieve an inlet pressure that is no longer accessible with a traditional blower. 

As residence times continue to decrease, the operating and capital costs associated with the 

compressors begin to outweigh the cost savings achieved from reducing the number of adsorption 

beds, leading to an increase in the EAOC. This balance between adsorbent bed and compressor 
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cost leads to a minimum EAOC for residence times of 16.1, 18.7, and 18.4 s for bed temperatures 

of 25, 35, and 40 °C, respectively.  

 For the modified TSA process, a similar phenomenon is observed, and a minimum in cost 

occurs at residence times of 32.5 and 31.6 s for bed temperatures of 25 and 35 °C, respectively. In 

this scenario, the increase in EAOC to the left of the minimum (low residence times) is also 

associated with the heat generated upon adsorption, which cannot be efficiently removed by the 

embedded cooler and therefore diminishes the improved adsorption performance that is expected 

for the modified process. The adsorption performance improves with higher residence times, 

however, as seen with the basic process, the number of parallel adsorption beds required to process 

the entire amount of the flue gas increases, driving up the EAOC. Due to the different nature of 

the systems and improved adsorption performance at higher residence times for the modified 

process (see Fig. S12), the optimum EAOC for the modified process is at a higher residence time 

than that for the basic process. 

 As the initial bed temperature (and correspondingly, the flue gas inlet temperature) is 

decreased, the EAOC also decreases, given that the framework exhibits a higher loading capacity 

at lower temperatures. The lowest initial bed temperature considered was 25 °C, with the 

assumption that cooling water is available at 20 °C. While it is possible to lower the initial bed 

temperature below 25 °C using chilled water or refrigerant, this process would drastically increase 

the operating costs of the system. For the basic and modified TSA processes, the conditions that 

result in the lowest EAOC are initial bed temperatures of 25 °C and flue gas residence times of 

16.1 and 32.5 s, respectively. Table 5 shows times for the adsorption and desorption cycles for a 

single bed as well as the total number of beds for the minimum EAOC scenarios of the basic and 

modified process. Additionally, dynamic profiles of the loading and temperature of the bed for 

these scenarios are presented in the Supporting Information (see Figs. S13 and S14). The 

breakdown of costs contributing to the minimum EAOC in each scenario is given in Table 6. For 

the basic process, an inlet pressure of 1.8 bar is required, and the amortized capital costs of the 

compressors along with the electricity and cooling water required to operate them is reflected in 

Table 6. For the modified process, the high residence time does not require compression of the 

flue gas and therefore these respective costs are not included. The EAOC for the optimal modified 

process configuration is about $37 million/year less expensive than the basic fixed bed 
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configuration, while the EAOCs for the basic and modified processes are approximately $55 

million/year (+21.8%) and $18 million/year (+7.3%) higher than for the MEA system (EAOC of 

$252 million/year), respectively.  

Table 4 

Important variables for the TSA process configuration. 

Variable Value Units 

Bed length 10 [m] 

Bed diameter 10 [m] 

Outlet gas pressure 1.05 [bar] 

Specific area for heating/cooling 53.3 [m2/m3] 

Average bed loading at the end of the cycle 0.25 [mol/kg] 

Basic TSA Process 

Inlet steam temperature 130 [°C] 

Direct steam residence time 100 [s] 

Modified TSA Process 

Cooling water approach ΔT 5 [°C] 

Cooling water flow 175 [kg/s] 

Hot water inlet temperature 130 [°C] 

Hot water flow 275 [kg/s] 
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Fig. 9. Equivalent annual operating cost (EAOC) versus flue gas residence time for the basic TSA 

process (upper) and the modified TSA process (lower). Different colored data points indicate cost 

variations resulting from changing the bed temperature and flue gas temperature at the beginning 

of the adsorption step. Colored lines are guides for the eye. The horizontal line in both plots 

represents the EAOC for the state-of-the-art MEA system as discussed in the text. 

 

Table 5 

Breakdown of step times and number of beds of the optimal scenarios for the basic and modified 

TSA processes. 

 Basic TSA Process Modified TSA Process 

Flue gas residence time (s) 16.1 32.5 

Adsorption cycle time (s) 546 3607 

Desorption cycle time (s) 1372 3551 

Number of beds undergoing adsorption 12 32 

Total number of beds 43 64 
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Table 6 

Breakdown of contributing costs to the equivalent annual operating cost ($Million/year) of the 

optimal scenarios for the basic and modified TSA processes.  
Basic TSA Process Modified TSA Process 

Amortized Capital 84.6 99.9 

Reactor 69.8 99.9 

Compressor 14.8 – 

Yearly Operating Costs 223.2 170.5 

Steam 206.4 167.9 

Electricity 16.4 – 

Cooling Water 0.4 2.6 

EAOC 307.8 270.4 

 

 3.5.2 Impact of Heat Recovery on Process Economics. During a typical TSA process, the 

regenerated bed contains a large amount of sensible heat that can in principle be recycled and used 

as a heat source elsewhere in the process (e.g., to reduce the amount of steam used for 

regeneration). In this section, rigorous modeling of a complicated heat recovery section is not 

performed, but rather the possible improvement of the process economics due to heat recovery is 

investigated considering two discrete values for recovery efficiencies. For a conventional MEA 

capture system, a lean/rich amine heat exchanger is used to extract heat from the regenerated 

solvent stream, with recovery efficiencies as high as 80 to 90%32. However, these efficiencies are 

not likely to feasible with a fixed bed gas–solid system as evaluated here. A practical estimate for 

the percent heat that could be recovered in the basic and modified TSA processes was determined 

based on the temperature profile in the respective beds at the end of desorption and the initial 

adsorption temperature. The calculated percent heat recovered varied based on the given process 

conditions but was found to be ~35% for the basic and modified TSA process scenarios studied 

here (See Section S4 of the Supporting Information). Notably, with this moderate amount of heat 

recovery, the estimated annual operating cost for the modified TSA process approaches that of the 

state-of-the-art MEA system and is approximately $26 million/year lower than the cost of the basic 

process (Fig. 10). In a scenario with 85% heat recovery, the modified process is only about $4 

million/year less expensive than the basic process, while both processes achieve a cost savings of 

more than $20 million/year when compared to the MEA system (see Table S5 for EAOC 

breakdowns for each heat recovery case). Thus, exploring strategies to enhance and optimize heat 

recovery in adsorbent-based systems stands as a crucial goal toward making their process 

economics competitive with solvent capture systems. 
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Fig. 10. EAOC versus flue gas residence time for the basic TSA process (red) and modified TSA 

process (black) assuming 35% practical heat recovery (upper) and 85% heat recovery (lower). The 

horizontal line represents the EAOC for the state-of-the-art MEA system. 

 

 3.5.3 Particle Cost Uncertainty Analysis. For the analyses completed in preceding sections 

of this work, the cost of the MOF particles was ignored due to a lack of accurate costing 

information. However, the cost of these particles will more than likely be a significant cost of the 

TSA process and should be accounted for. To perform this analysis, the cost of the MOF particle 

on a per kg basis was varied within a feasible range to investigate how the overall process 

economics will change. The feasible range of MOF particle costs were determined using a review 

performed by Liu et al.33 which states that these costs can vary between 1 – 35 $/kg. The cost of 

zeolite 13x was estimated at $6/kg34 and is used in this uncertainty analysis as a comparison to 

costs for a traditional solid sorbent. Based on the total mass of the MOF particles in the cycle and 

the particle cost of interest, the amortized capital cost of the particles is calculated using the same 

method as the other equipment as described in Eq. (41) with the life span of the MOF particles 

assumed to be 2 years. Fig. 11 shows the results for EAOC versus flue gas residence time with 
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varying MOF particle costs for the modified process with practical heat recovery. The baseline 

curve ($0/kg) corresponds to the results shown in Fig. 10 (upper). When a particle cost is 

considered that is similar to that of a traditional solid sorbent ($6/kg), process economics increase 

by $36 million/year (+14%) when compared to the economics when no particle cost is considered. 

At the upper value of the uncertainty considered in this work ($30/kg), process economics increase 

by $175 million/year (+70%). 

 
Fig. 11. EAOC versus flue gas residence time for varying costs of MOF particles ($/kg) of the 

modified process with practical heat recovery. 

 

 3.6 Evaluation of Energy Requirements. To further understand the techno-economic 

analysis results, we examined the bed temperature and loading profiles (Fig. 12) and energy 

requirements for the optimal basic and modified TSA process scenarios. As discussed in Section 

3.4, the adsorption performance of dmpn–Mg2(dobpdc) is highly sensitive to temperature. As seen 

in Fig. 12, the average bed loading for the modified process is about 130% higher than that for the 

basic process, due to bed cooling. The thermal energy requirements for the basic and modified 

processes were found to be 3.97 and 3.23 MJ/kg CO2, respectively, calculated based on the integral 

steam usage and integral CO2 captured during a single cycle, assuming the minimum EAOC 

scenario conditions discussed in Section 3.5.1. Note that these values are higher than the 

regeneration energy of 2.1 MJ/kg CO2 reported by Milner et al.8, which was calculated assuming 

a theoretical working capacity that is difficult to achieve in practice due to bed temperature effects 

discussed in this work. Regeneration energies reported for MEA systems vary in the literature. 

Theoretical values based on thermodynamic analysis have been reported as low as 3.4 MJ/kg 

CO2
35, while process simulations of a traditional configuration have reported values as low as 3.6 

MJ/kg CO2
36. Thus, the regeneration energy required for the modified TSA process is 19% and 
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10% less than that for the basic TSA and MEA processes, respectively. The lower regeneration 

energy required for the modified process relative to the basic process is a direct consequence of 

the higher loadings achieved with the former configuration (Fig. 12, lower). In particular, for 

modified process, a single bed remains in line longer for adsorption, decreasing the number of 

cycles and therefore parasitic loss associated with each cycle. 

 
Fig. 12. Temperature (a) and loading (b) profiles at the end of the adsorption step for the basic and 

modified TSA processes. 

 

4. CONCLUSIONS 

 In this work, a Sips isotherm model was developed that is able to accurately describe the 

adsorption of pure CO2 in the metal–organic framework dmpn–Mg2(dobpdc). The resulting 

parameters were also able to model validation data collected at additional temperatures that were 

not included in the initial parameter estimation. The kinetic model developed herein was also able 

to accurately describe experimental data obtained from thermogravimetric analysis. These models 

were developed considering adsorption of pure CO2, which is suitable for a base case analysis 

given that the CO2 adsorption capacity of dmpn–Mg2(dobpdc) and kinetics of CO2 adsorption in 

the material are not significantly affected in the presence of water. However, the development of 

more rigorous models will necessitate including an analysis of the effects of water co-adsorption 

on overall process performance.  
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 A detailed, dynamic axial-flow fixed bed model for dmpn–Mg2(dobpdc) was developed 

and validated against experimental breakthrough data. Using this model, isothermal and adiabatic 

systems were analyzed to investigate how temperature effects and effective heat removal will 

impact the adsorption performance. Our results indicate that effective removal of the heat 

generated during adsorption can reduce the number of adsorbent beds and subsequently the capital 

costs of the system by a factor of four. The fixed bed model was scaled-up to simulate two different 

TSA systems processing flue gas from an industrial scale power plant, one that uses condensing 

steam as the heating medium for regeneration (basic TSA process) and one that uses cooling water 

for heat removal during adsorption and hot water as well as steam for regeneration (modified TSA 

process). A techno-economic analysis revealed that the modified process is about $37 million/year 

less costly and requires 19% less energy than the basic process. These results reiterate the 

conclusions drawn from the isothermal and adiabatic case studies, that thermal management of 

this adsorbent system is a key design consideration. When factoring in a practical heat recovery of 

~35%, the EAOC of the modified TSA process is further reduced by $18 million/year and 

approaches that of a state-of-the-art MEA capture system. Further improving heat recovery to 85% 

could lower the modified process EAOC by an additional $25 million/year, bringing it below that 

of the MEA system. An uncertainty analysis was performed to investigate the sensitivity of the 

total process economics to varying values of costs of the MOF particles. This study showed that 

the modified process EAOC would increase by a modest 14% if the cost of the MOF particles are 

similar to that of other solid sorbents, but economics have the possibility of increasing by nearly 

70% for larger particle costs.  

In this study two discrete values of heat recovery are evaluated. In reality, heat recovery can 

increase the cycle time due to the increase in the desorption step as a result of pre-heating the bed 

with a lower temperature fluid than steam as well as increase in the adsorption step as a result of 

pre-cooling the bed with a higher temperature fluid than the cooling water. Obviously, an increase 

in the cycle time might lead to higher number of beds. Furthermore, for high driving force, pre-

heating a bed might need heat exchange with several beds undergoing cooling arranged in order 

of their temperature profile thus leading to complex operating schedule. Thus, both economic and 

practical considerations would be desired for setting the extent of heat recovery. Nevertheless, the 

results of this study highlight that the successful commercial implementation of this MOF 

technology will require efficient addition and rejection of heat during adsorption and desorption, 
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as well as heat recovery. Given the limitations of the fixed beds for heat recovery, future work will 

benefit from examining other types of contactor technologies, such as moving beds and rotary 

packed beds. The inherently better heat transfer properties of these beds will also provide better 

opportunities for efficient thermal management during adsorption and desorption. Due to 

circulating solids, those beds can reduce the amount of solids inventory, which is a critical 

component of the capital cost. Rigorous optimization of operating variables and contactor 

configuration will also serve to lower the capital and operating costs. Furthermore, this class of 

materials is highly tunable. Therefore, for improving the economics further, isotherm step 

locations and their characteristics as well as adsorption energetics can be considerably altered by 

varying the diamine. These aspects will be investigated in our future works.  

SUPPORTING INFORMATION 

• Additional isotherm modeling results 

• Breakthrough time study 

• Dynamic TSA profiles 

• Additional heat recovery information 
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NOMENCLATURE 

𝐴1    Cross-sectional area pertaining to a single tube layout, [m2] 

𝑎𝑝     Particle specific area, [m2/m3] 

𝑎𝐻𝑋     Heat exchanger specific area, [m2/m3] 

𝑏𝑐ℎ𝑒𝑚, 𝑏𝑝ℎ𝑦𝑠 Sips isotherm parameter [bar-1] 

𝐶1 Particle diffusion parameter [m2/K0.5/s] 

𝐶𝑔,𝑖    Concentration of species i in the gas phase, [mol/m3] 

𝐶𝑝,𝑔     Molar specific heat at constant pressure, [kJ/kmol/K] 

𝐶𝑝,𝑠    Solids heat capacity, [kJ/kg/K] 

𝐶𝑠𝑢𝑟𝑓,𝑖     Concentration of species i at the particle surface, [mol/m3] 

𝐶𝑣,𝑔    Molar specific heat at constant volume, [kJ/kmol/K] 

𝑑𝑡    Outer diameter of heat exchanger tube, [m] 

𝐷𝑥     Internal diameter of reactor, [m] 

𝐷𝑒𝑓𝑓     Effective particle diffusivity of species i, [m2/s] 

𝐷𝑔     Molecular diffusivity of gas, [m2/s] 

𝑑𝑝     Particle diameter, [m] 

𝑑𝐿
∞, 𝑑𝐵

∞, 𝑑𝑈
∞, 𝑑𝐻

∞  Weighted dual-site Langmuir isotherm parameter, [bar-1] 

𝐸𝑐ℎ𝑒𝑚 Exponential term for chemisorption reaction kinetics, [kJ/mol] 

𝐸𝑝ℎ𝑦𝑠 Exponential term for physisorption reaction kinetics, [kJ/mol] 

𝐸𝑛 Sips isotherm parameter, [kJ/mol] 

𝐹𝑖𝑛    Total flow entering the bed, [mol/s] 

𝐹𝑜𝑢𝑡    Total flow leaving the bed, [mol/s] 

ℎ𝑓     Heat transfer coefficient between gas and particle, [kW/m2/K] 

ℎ𝐻𝑋 Fixed bed heat transfer coefficient between wall as gas, [kW/m2/K] 

𝐻𝑠𝑡𝑒𝑝 Weighted dual-site Langmuir isotherm parameter, [kJ/mol] 

𝐾𝑎, 𝐾𝑐    Sips isotherm parameter, [dimensionless] 

𝐾𝑏, 𝐾𝑑    Sips isotherm parameter, [K] 

𝑘𝑐ℎ𝑒𝑚    Chemisorption kinetic mass transfer coefficient, [1/s]  

𝑘𝑝ℎ𝑦𝑠    Physisorption kinetic mass transfer coefficient, [1/s] 

𝑘𝑒𝑓𝑓    Effective thermal conductivity, [kW/m/K] 

𝑘𝑓                                           External mass transfer coefficient, [m/s] 

𝑘𝑔     Thermal conductivity of gas, [kW/m/K] 

𝑛𝑐ℎ𝑒𝑚, 𝑛𝑝ℎ𝑦𝑠   Sips isotherm parameter, [dimensionless] 

𝑛𝑐ℎ𝑒𝑚,0   Sips isotherm parameter, [dimensionless] 

𝑁𝑐ℎ𝑒𝑚    Diamine loading, [mmol/g or mol/kg] 

𝑁𝑝ℎ𝑦𝑠    Sips isotherm parameter, [mmol/g or mol/kg] 

𝑛𝐿, 𝑛𝑈     Weighted dual-site Langmuir isotherm parameter, [mmol/g or  

    mol/kg] 

𝑛𝐿
∞, 𝑛𝑈

∞   Weighted dual-site Langmuir isotherm parameter, [mmol/g or  

    mol/kg] 

𝑁𝑡    Number of heat exchanger tubes 

𝑃𝑔    Pressure of the gas in the bed, [bar] 
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𝑝𝑠𝑡𝑒𝑝    Weighted dual-site Langmuir isotherm parameter [bar] 

𝑃𝑡     Heat exchanger tube pitch, [m] 

𝑞𝑖                                             Loading of species i, [mmol/g or mol/kg] 

𝑞𝑖
∗                                            Equilibrium loading of species i, [mmol/g or mol/kg] 

𝑞𝑐ℎ𝑒𝑚
∞      Sips isotherm parameter, [mmol/g or mol/kg] 

𝑞𝑝ℎ𝑦𝑠
∞     Sips isotherm parameter, [mmol/g or mol/kg] 

𝑄𝑠𝑡,𝑐ℎ𝑒𝑚   Sips isotherm parameter, [kJ/mol] 

𝑄𝑠𝑡,𝑝ℎ𝑦𝑠   Sips isotherm parameter, [kJ/mol] 

𝑅    Ideal Gas Constant, [kJ/mol/K] 

𝑅𝑖     Mass transfer rate of component i, [mol/m3/s] 

𝑡𝑏    Breakthrough time, [s]  

𝑇𝑠     Temperature of the solid phase, [K] 

𝑇𝑔     Temperature of the gas phase, [K] 

𝑇0    Reference Temperature, [K] 

𝑣𝑔     Superficial gas velocity, [m/s] 

𝑋1    Weighted dual-site Langmuir Isotherm parameter [K] 

𝑋2    Weighted dual-site Langmuir Isotherm parameter [dimensionless] 

z    Axial bed length [m] 

𝑦𝑖    Gas phase mol fraction of species i  

∆𝐻𝑖     Heat of adsorption for species i, [kJ/mol] 

𝜔    Weighted dual-site Langmuir Isotherm parameter [dimensionless] 

𝛾    Weighted dual-site Langmuir Isotherm parameter [dimensionless] 

𝜎    Weighted dual-site Langmuir Isotherm parameter [dimensionless] 

𝛽    Effective thermal conductivity parameter 

𝜆    Effective thermal conductivity parameter 

ε𝑏    Void fraction of the bed 

𝜀𝑝    Porosity of the particle 

𝜌𝑔    Density of the gas, [kmol/m3] 

𝜌𝑠    Density of the adsorbent particle, [kg/m3] 

𝜇𝑔    Viscosity of the gas, [kg/m/s] 

∝    Indexing placeholder 

𝑃𝑟    Prandtl’s Number 

𝑅𝑒    Reynold’s Number 

𝑆ℎ    Sherwood’s Number 

𝑆𝑐    Schmidt’s Number 

𝑁𝑢    Nusselt’s number 

 

Common Subscripts 

𝑓    film 

i    species or product 

𝑔    gas 

𝑠    solid 

𝑝    particle 

𝑐ℎ𝑒𝑚    chemisorption product 

𝑝ℎ𝑦𝑠    physisorption product 
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TABLES/FIGURES 

Table 1 

Fixed bed reactor model constants. 

Parameter Value Units 

Heat of CO2 Adsorption (∆𝑯𝑪𝑶𝟐
)  −65 [kJ/mol] 

Adsorbent Heat Capacity (𝑪𝒑,𝒔) 1.457 [kJ·kg-1·K-1] 

Bed Voidage (𝜺𝒃) 0.68 [m3 void/m3 bed] 

Density of adsorbent particle (𝝆𝒔) 1000 [kg/m3] 

Particle diameter (𝒅𝒑) 525 [µm] 

Diameter of heat exchanger tubes (𝒅𝒕) 1 [inches] 

Heat exchanger tube pitch (𝑷𝒕) 0.04 [m] 
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Table 2 

Experimental breakthrough conditions used to collect data to validate the fixed bed model. 

Variable Value Units 

Bed Length 13.34 [cm] 

Bed Diameter  0.46 [cm] 

Temperature  40 [°C] 

Pressure  1 [bar] 

Volumetric Flow Rate  10 [sccm] 

yCO2 0.15 [mol fraction] 

yN2 0.85 [mol fraction] 
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Table 3 

Process conditions for thermal management case studies. 

Variable Value Units 

Flue Gas Pressure 1.1 [bar] 

Flue Gas Temperature 25 [°C] 

Flue Gas Flow rate  120 [mol/s] 

Flue Gas Composition    

yCO2 0.132 [mol fraction] 

yH2O 0.055 [mol fraction] 

yN2 0.813 [mol fraction] 

Bed Length  10 [m] 

Bed Diameter  3 [m] 

Initial Bed Temperature  25 [°C] 

Initial Bed Loading  0 [mol/kg] 
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Table 4 

Important variables for the TSA process configuration. 

Variable Value Units 

Bed length 10 [m] 

Bed diameter 10 [m] 

Outlet gas pressure 1.05 [bar] 

Specific area for heating/cooling 53.3 [m2/m3] 

Average bed loading at the end of the cycle 0.25 [mol/kg] 

Basic TSA Process 

Inlet steam temperature 130 [°C] 

Direct steam residence time 100 [s] 

Modified TSA Process 

Cooling water approach ΔT 5 [°C] 

Cooling water flow 175 [kg/s] 

Hot water inlet temperature 130 [°C] 

Hot water flow 275 [kg/s] 
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Table 5 

Breakdown of step times and number of beds of the optimal scenarios for the basic and modified 

TSA processes. 

 Basic TSA Process Modified TSA Process 

Flue gas residence time (s) 14.3 32.5 

Adsorption step time (s) 449 3607 

Desorption step time (s) 1368 3551 

Number of required adsorption beds 10 32 

Total number of beds in cycle 41 64 
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Table 6 

Breakdown of contributing costs to the equivalent annual operating cost ($Million/year) of the 

optimal scenarios for the basic and modified TSA processes.  
Basic TSA Process Modified TSA Process 

Amortized Capital 84.6 99.9 

Reactor 69.8 99.9 

Compressor 14.8 – 

Yearly Operating Costs 223.2 170.5 

Steam 206.4 167.9 

Electricity 16.4 – 

Cooling Water 0.4 2.6 

EAOC 307.8 270.4 
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Fig. 1. Configuration steps for the basic TSA process (upper) and the modified TSA process 

(lower). 
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Fig. 2. Simplified diagram of the parallel bed configuration used in modeling the basic TSA cycle. 

A process that uses n beds is shown, with dashed lines representing the possibility of introducing 

more beds.  
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Fig. 3. Experimental CO2 adsorption isotherms for dmpn–Mg2(dobpdc) at the indicated 

temperatures (colored symbols) and fits (colored lines) using a dual-site Sips isotherm model 

(upper) and a weighted dual-site Langmuir isotherm model (lower).  
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Fig. 4. Model validation results for the dual-site Sips model (upper) and weighted dual-site 

Langmuir model (lower). Experimental CO2 adsorption data for dmpn–Mg2(dobpdc) at 80 and 90 

°C are shown as colored symbols and fits to the data are shown as colored lines.  
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Fig. 5. Experimental data for time-dependent CO2 adsorption in dmpn−Mg2(dobdc) (colored 

symbols) and fits obtained using the linear driving force kinetic model in Section 2.2 (lines), 

yielding parameters kchem,0 = 0.0136 s−1 / Echem = 23.21 kJ/mol and kphys,0 = 0.0823 s−1 / Echem = 7.18 

kJ/mol (root mean squared error = 0.025). 
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Fig. 6. Comparison of breakthrough model prediction (black trace) and experimental breakthrough 

data (blue trace). The normalized outlet concentration, C/C0, represents the concentration of gas 

phase CO2 exiting the bed relative to gas phase CO2 entering the bed (root mean squared error = 

0.051). 
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Fig. 7. Modeled breakthrough curves for isothermal and adiabatic case studies discussed in the 

text. The normalized outlet concentration C/C0 represents the concentration of gas phase CO2 

exiting the bed relative to gas phase CO2 entering the bed. Vertical lines correspond to the 

breakthrough times for each scenario. 
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Fig. 8. Dynamic loading (upper) and temperature (lower) profiles at the entrance, middle, and exit 

of the bed for the adiabatic case study. 
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Fig. 9. Equivalent annual operating cost (EAOC) versus flue gas residence time for the basic TSA 

process (upper) and the modified TSA process (lower). Different colored data points indicate cost 

variations resulting from changing the bed temperature and flue gas temperature at the beginning 

of the adsorption step. Colored lines are guides for the eye. The horizontal line in both plots 

represents the EAOC for the state-of-the-art MEA system as discussed in the text. 
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Fig. 10. EAOC versus flue gas residence time for the basic TSA process (red) and modified TSA 

process (black) assuming 35% practical heat recovery (upper) and 85% heat recovery (lower). The 

horizontal line represents the EAOC for the state-of-the-art MEA system. 
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Fig. 11. EAOC versus flue gas residence time for varying costs of MOF particles ($/kg) of the 

modified process with practical heat recovery. 
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Fig. 12. Temperature (a) and loading (b) profiles at the end of the adsorption step for the basic and 

modified TSA processes. 




