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Abstract 

The potential of methanol reforming systems to greatly improve productivity in chemical reactors 
has been limited, due in part, to the effect of mass transfer limitations on the production of hydrogen. 
There is a need to determine whether or not a microchannel reforming reactor system is operated in a 
mass transfer-controlled regime, and provide the necessary criteria so that mass transfer limitations can 
be effectively eliminated in the reactor. Three-dimensional numerical simulations were carried out 
using computational fluid dynamics to investigate the essential characteristics of mass transport 
processes in a microchannel reforming reactor and to develop criteria for determining mass transfer 
limitations. The reactor was designed for thermochemically producing hydrogen from methanol by 
steam reforming. The mass transfer effects involved in the reforming process were evaluated, and the 
role of various design parameters was determined for the thermally integrated reactor. In order to 
simplify the mathematics of mass transport phenomena, use was made of dimensionless numbers or 
ratios of parameters that numerically describe the physical properties in the reactor without units. The 
results indicated that the performance of the reactor can be greatly improved by means of proper design 
of catalyst layer thickness and through adjusting feed composition to minimize or reduce mass transfer 
limitations in the reactor. There is not an effective method to reduce channel dimensions if the flow rate 
remains constant, or to reduce fluid velocities if the residence time is kept constant. The rate of the 
reforming reaction is limited by mass transfer near the entrance of the reactor and by kinetics further 
downstream, when the heat transfer in the autothermal system is efficient. Finally, the criteria that can 
be used to distinguish between different mass transport and kinetics regimes in the reactor with a 
first-order reforming reaction were presented. 
Keywords: Hydrogen production; Steam reforming; Transport phenomena; Reactor design; 

Microchannel reactors; Computational fluid dynamics 

Notations 

Roman Letters 
C concentration, Equation (14) 

i

T
SC

 total surface concentration of site i, Equation (27) 

DT thermal diffusion coefficient, Equation (7) 
Da Damköhler number, Equation (33) 
Deff effective diffusion coefficient, Equation (14) 
Dm molecular diffusion coefficient, Equation (7) 
DK Knudsen diffusion coefficient, Equation (16) 
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 r mH T  standard molar enthalpy of reaction at a given temperature, Equation (23) 

K equilibrium constant, Equation (27) 
Kg number of gaseous species, Equation (5) 
Ks number of surface species, Equation (9) 
R ideal gas constant, Equation (8) 
Re Reynolds number, Equation (30) 
Sc Schmidt number, Equation (30) 
Sh Sherwood number, Equation (30) 
T temperature, Equation (5) 
V diffusion velocity, Equation (6) 

W  average relative molecular mass, Equation (7) 

W relative molecular mass, Equation (6) 
a mass transfer coefficient, Equation (30) 
b mass transfer factor, Equation (32) 
c mass transfer factor, Equation (32) 
d mean pore diameter, Equation (17) 
d' characteristic dimension of the channels, Equation (30) 
h enthalpy, Equation (5) 
kR rate constant for the methanol-steam reforming reaction, Equation (27) 
kW rate constant for the water-gas shift reaction, Equation (28) 
kD rate constant for the methanol decomposition reaction, Equation (29) 
keff effective thermal conductivity, Equation (22) 
kg thermal conductivity of a gas, Equation (5) 
ks thermal conductivity of a solid, Equation (10) 
l length of the channels, Equation (31) 
m total number of species, Equation (9) 
p pressure, Equation (2) 
pi partial pressure of species i, Equation (27) 
rR rate of the methanol-steam reforming reaction, Equation (27) 
rW rate of the water-gas shift reaction, Equation (28) 
rD rate of the methanol decomposition reaction, Equation (29) 
ṡi,eff effective rate of appearance of surface species i, Equation (13) 
ṡm rate of appearance of surface species m, Equation (9) 
u fluid velocity, Equation (1) 
w mass fraction, Equation (5) 
x, y, z spatial coordinates, Equation (1) 
Greek letters 
Γ density of surface active sites, Equation (9) 
Φ Thiele modulus, Equation (13) 
α ratio between active surface area and geometric surface area, Equation (11) 
γ active surface area per unit volume, Equation (14) 
δ thickness of catalyst layers, Equation (14) 
εp porosity, Equation (16) 
η effectiveness factor, Equation (11) 
μ dynamic viscosity, Equation (2) 
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ρ density, Equation (1) 
θ surface coverage, Equation (9) 
τp tortuosity factor, Equation (16) 

k  rate of appearance of gaseous species k, Equation (6) 

Superscripts 
* composite parameter, Equation (27) 
b mass transfer factor, Equation (30) 
c mass transfer factor, Equation (30) 
T total, Equation (27) 
(i) species adsorbed on active site i, Equation (27) 
Subscripts 
D decomposition reaction, Equation (29) 
R reforming reaction, Equation (27) 
W water-gas shift reaction, Equation (28) 
1, 1a, 2, 2a species index, Equation (27) 
g gas, Equation (5) 
i index denoting any chemical species, Equation (13) 
k index denoting any gaseous species, Equation (5) 
m index denoting any surface species, Equation (9) 
s solid, Equation (10) 
x, y, z spatial coordinate components, Equation (1) 

1. Introduction 

For conventional chemical reactors such as fixed bed reactors, there are various problems in heat 
and mass transfer processes, which can lead to limitations in the choice of process conditions for steam 
reforming reactions. The hot spots formed in a fixed bed reactor may significantly reduce the efficiency 
of the reforming process and the activity of the catalyst [1, 2]. In addition, the strong mass transfer 
resistance inherent in a fixed bed reactor greatly decrease the rate of the reforming reaction [3, 4]. In 
microchannel reactors, the ability or tendency to form hot spots is reduced significantly. This reduction 
is mainly caused by the fact that microchannel reactors can substantially enhance heat transfer 
capability and permit more precise control of temperatures and residence times [5, 6], as compared to 
the processes wherein conventional chemical reactors are used [7, 8]. Consequently, it is possible to 
achieve high levels of conversion and high levels of selectivity to the desired product through the use of 
microchannel reactors. 

Reactor design in a chemical process is often directed to approaching isothermal operation of 
exothermic or endothermic reactions [9, 10]. Approaching isothermal conditions is more readily 
achieved if microchannel reactors are employed. Even for extremely exothermic or endothermic 
reactions, microchannel reactor systems can be operated as close as possible to isothermal conditions 
[11, 12]. This iso-thermality is of particular usefulness to the kinetics studies on steam reforming 
reactions with positive reaction enthalpies [13, 14]. When microchannel reactors are designed to 
perform chemical reaction kinetics studies, it is essential to ensure isothermal conditions and that the 
concentrations are effectively constant without mass transport limitation to derive intrinsic kinetic 
parameters [15, 16]. When a microchannel reactor is used for the isothermal operation of 
heterogeneously catalyzed reactions, the catalyst material is usually coated onto the surface of the 
reactor wall [17, 18]. Consequently, the reactants must be able to diffuse into the catalyst layer and 
react on the catalyst surfaces. If the reactants cannot be transferred from the bulk gas phase to the 
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catalyst surface fast enough to keep up with the rate of the reaction occurring in the reactor, the reaction 
becomes mass transfer controlled [19, 20]. Microchannel reactors are often configured for laminar flow 
[21, 22], and therefore the rate of mass transfer in a direction perpendicular to the flow direction relies 
solely on molecular diffusion in the channels. 

Knowledge of the mass transport phenomena in microchannel reforming reactors is essential for 
reactor design and for the optimization of existing reforming processes. Steam reforming reactions are 
employed in a variety of existing commercial processes [23, 24]. A particularly significant commercial 
steam reforming process is the methanol steam reforming reaction [25, 26]. Methanol is an important 
compound with a variety of applications [27, 28]. The primary use of methanol is as a feedstock in the 
production of various chemicals such as hydrogen [29, 30]. To provide substantially improved reaction 
kinetics and reactor performance, microchannel methanol-reforming reactors must be configured in a 
simple and effective manner in which heretofore known problems associated with mass transport 
phenomena are substantially eliminated [31, 32]. Unfortunately, there is a lack of an accurate 
understanding of the underlying mass transport phenomena in microchannel methanol-reforming 
reactors, which is useful to understand and predict the reforming process that occurs on the catalyst 
surfaces at various operating conditions [33, 34]. It is therefore necessary to determine whether or not a 
microchannel reforming reactor system is operated in a mass transfer-controlled regime, and provide 
the necessary criteria so that mass transfer limitations can be effectively eliminated in the reactor. 

This study relates to how to minimize or reduce mass transfer limitations in a microchannel 
methanol-reforming reactor. The reactor was heated using catalytic combustion technology to provide 
the endothermic heat of reaction needed to reform a mixture of methanol and steam for the production 
of hydrogen. Numerical simulations were performed using computational fluid dynamics to understand 
the mass transport phenomena occurring within the reactor and to develop criteria for determining mass 
transfer limitations. The effects of catalyst layer thickness, channel characteristic dimension, adding an 
inert gas, residence time, and fluid velocity on reactor performance were evaluated. The objective of 
this study is to determine whether or not a microchannel reforming reactor system is operated in a mass 
transfer-controlled regime, and provide the necessary criteria so that mass transfer limitations can be 
effectively eliminated in the reactor. Particular focus is placed on the development of the criteria that 
can be used to distinguish between different mass transport and kinetics regimes in the reactor. 

2. Description of the model 

Computational fluid dynamics is used mainly for analytical predictions of the fluid transport 
properties including velocity, heat transfer coefficient, and pressure. Computational fluid dynamics is 
an effective way to study various transport phenomena in thermally-integrated reforming reactors [35, 
36]. In addition, computational fluid dynamics offers great potential for such applications as reactor 
design [37, 38]. In this study, a three-dimensional computational fluid dynamics model is developed in 
order to more accurately predict the behavior of an actual microchannel reforming reactor. 

2.1. Description of the reactor 
The reaction system considered is a thermally-integrated microchannel reactor. A plate type heat 

exchanger is used as the reactor, which consists of two sets of flow channels. The reactor is used to 
carry out simultaneous catalytic combustion of methanol and catalytic methanol reforming. The reactor 
designed to produce a hydrogen-rich gas stream is depicted schematically in Figure 1. The reactor is of 
compact and simple configuration. The channels are configured for simultaneous passage of the 
different process reaction streams in a co-current mode. Alternating combustion and reforming 
channels are in thermal contact with each other, as depicted schematically in Figure 1. Heat from the 
combustion channels is used in the steam reforming reaction. Catalysts are coated onto the surfaces of 
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the walls of the channels. The corresponding schematic representation of the computational domain is 
depicted in Figure 2. Only two half reforming and combustion channels and the surrounding walls are 
modeled, as depicted schematically in Figure 2, due to the symmetry of the system. 

 
Figure 1. Schematic illustration of the thermally-integrated microchannel reactor used for the 
production of hydrogen. The walls of the reactor are not depicted for clarity. 

 
Figure 2. Schematic representation of the computational domain considered in this study. The domain is 
divided into a plurality of sub-domains such as the regions of fluid, solid, and porous media. The 
direction of fluid flow in the channels is indicated by dotted arrows. 

Thermochemical processes present the most attractive means for the production of hydrogen. One 
such process utilizes the reforming reaction of a hydrocarbon fuel, for example, methane [39, 40], with 
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water to produce hydrogen. This process typically requires a significant amount of heat and must be 
carried out at elevated temperatures to attain the desired level of conversion. For example, the steam 
methane reforming reaction is strongly endothermic and the process is typically performed under high 
temperature conditions in order to increase the yield of the desired product [39, 40]. Unfortunately, 
these high temperatures and heat demands present a multitude of severe challenges for the design and 
operation of the system. Another such process utilizes the catalytic partial oxidation of a hydrocarbon 
fuel, for example, methane [41, 42], with oxygen to produce hydrogen. However, the implementation 
of the process under high temperature conditions is also necessary to enable the catalytic reaction to 
proceed at short contact times in reduced scale reactors [41, 42]. Another such process, as described 
here, involves the reaction of an alcohol fuel, for example, methanol [25, 26], with water to produce 
hydrogen under more moderate conditions. In comparison with methane, methanol permits operation of 
the system at much lower temperatures and with an insignificant amount of carbon monoxide [25, 26]. 
This feature offers certain advantages for reactor design and more compact usage, which is especially 
attractive for commercial applications. 

A feed stream comprising methanol and water is introduced into the reactor passing into the 
reforming channels. The feed stream has a 1:1.4 molar ratio of methanol to water. The reactants are fed 
to the reactor with a fluid velocity of 2.0 m/s and a temperature of 373 K. Prior to introduction into the 
reactor, liquid methanol can be vaporized and superheated in a vaporizer. The reforming catalyst 
comprises a mixture of copper and zinc-oxide that are supported on an alumina carrier [43]. 
Additionally, a feed stream comprising methanol and air is introduced into the reactor passing into the 
combustion channels. The equivalence ratio of the fuel and oxidizer mixture is 0.8. The reactants are 
fed to the reactor with a fluid velocity of 0.6 m/s and a temperature of 373 K. The combustion catalyst 
comprises a mixture of copper-oxide and zinc-oxide that are supported on an alumina carrier [44]. The 
catalysts described above possess good activity, making it possible to operate the autothermal system at 
relatively low temperatures. 

The reactor is 50.0 mm long, and all the combustion channels are designed to have the same 
dimensions and structures as the reforming channels. The channels may have a variety of 
cross-sectional shapes, and they are square in cross-section in this study. The distance between the 
walls is assumed to be 0.7 mm, and thus there is no flame for combustion. The thickness of the dividing 
walls is also assumed to be 0.7 mm. The catalyst layers in which chemical reactions occur are typically 
limited in thickness to assure desirable adhesion of the catalyst layers to the dividing walls. In this 
study, the thickness of the catalyst layers ranges from 0.04 to 0.20 mm. The thermal conductivity of the 
wall material is 200 W/(mꞏK) at room temperature. The thermal conductivity of the catalyst supports is 
32 W/(mꞏK) at room temperature. The reactor is operated at a pressure of up to 0.8 MPa. 

2.2. Mathematical model 
There can be several potential problems associated with computational fluid dynamics modeling 

of the reactor due to the complexity of the processes involved [45]. The computational complexity of 
the model is reduced by making simplifying assumptions. The classical continuum approach can be 
applied, since the collisional mean free path is much lower than the macroscopic length scale of the 
system. The reactor is operated under steady-state conditions. The ideal gas law is applicable. Laminar 
flow occurs in the reactor due to the very small Reynolds number, which is defined based on the 
area-averaged fluid velocity at the flow inlets, obtained in most cases. Both homogeneous reactions and 

radiative effects are negligible under the conditions specified in this study. 
The model includes various mathematical expressions and algorithms for describing fluid 

environment and the structure of the reactor, such as the geometry of the reactor, the fluids surrounding 
the channels in the modeled environment, temperatures, velocities, and boundary conditions defining 
fluid boundaries. The program ANSYS FLUENT [46], available from ANSYS Inc., Release 18.1, is 
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used to obtain steady-state solutions of the problem. 
The continuity equation for each fluid phase can be written as 

 
     

0
yx z

uu u

x y z
+ + =

  
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. (1) 

The momentum balance for each fluid phase yields 
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The equation for conservation of energy in each fluid phase can be written as 
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T
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
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The transport of chemical species in each fluid phase is modeled by solving the conservation 
equation described as follows: 

 

           , , , 0,
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g
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x y z x y z

k K

 
   

    
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=




. (6) 

Multicomponent diffusion is considered in the system, in which the binary molecular diffusion 
coefficients are determined from the kinetic theory of gases. The full multicomponent diffusion model 
is computationally expensive. The diffusion velocity of gaseous species k is defined by 

        11
, ln lnT

k k m k k k kV D w WW D W w W T 
--= - +


. (7) 

The density of a mixture of gases can be determined as 

 1p RTW -= . (8) 

The total number of active surface sites is conserved in each channel as described by 
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
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Conservation of energy in the solid phase is described by 

 0s s s

T T T
k k k

x x y y z z

         
             

+ + = . (10) 

The mass balance for each gaseous species at the boundaries between the catalyst layers and the 
fluid phases can be expressed as 

 
   , 0,

1, ,

k k k k yboundary boundary

g

W s w V

k K

 + =

=




, (11) 

 
   , 0,

1, ,

k k k k zboundary boundary

g

W s w V

k K

 + =

=




. (12) 

The catalyst layers are modeled as porous media. When a catalyst layer exceeds a certain critical 
length, its overall activity, expressed as mass of reactants converted per unit mass of catalyst, begins to 
diminish [47, 48]. This effect is sometimes expressed as an effectiveness factor [49, 50]. Effectiveness 
Factor is commonly defined as the rate of reaction in the presence of mass transport limitations divided 
by the rate of reaction without mass transport limitation 

  1 1
, tanhi eff is s  - -= =  , (13) 

where the Thiele modulus can be expressed as 

     0.50.5

,i i i effs C D  
-

=  . (14) 

The Thiele modulus can be used to predict at what size a catalyst with a defined pore structure and 
tortuosity and with a known surface activity will become diffusion limited. 

The accessible active surface area per unit volume of each catalyst layer can be represented as 

 1  -= . (15) 

There are two types of diffusion normally considered [51, 52]. One is bulk or molecular diffusion 
which occurs when the mean free path between intermolecular collisions is small compared to the mean 
pore diameter of porous catalyst layers. The other is Knudsen diffusion which occurs when the mean 
free path is large compared to the mean pore diameter. Transport of reactants and products can occur in 
the catalyst layers by bulk and Knudsen diffusion. The effective diffusion coefficient of species i within 
the catalyst layers can be expressed as 

  1 1 1 1
, , ,i eff p p i m i kD D D - - - -= + . (16) 

The Knudsen diffusion rate is directly proportional to the mean pore diameter. The Knudsen diffusion 
coefficient of species i is given by 

    0.5 0.5

, 8
3i K i

d
D RT W -

= . (17) 

The balance of energy at the boundaries between the catalyst layers and the fluid phases can be 
expressed as 

  
1

0
gK
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    
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- + = , (18) 
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  
1

0
gK

s g k k k boundary
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    
       


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  
1

0
gK

s g k k k boundary
kboundary boundary

T T
k k s h W

z z

    
       


=- +
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The effective thermal conductivity of the catalyst layers can be described as 

  1eff p g p sk k k = + - . (22) 

2.3. Chemical kinetic models 
The reactor is heated using catalytic combustion technology to provide the endothermic heat of 

reaction needed to reform a mixture of methanol and steam for the production of hydrogen. The 
combustion of methanol is conducted catalytically in the reactor and in the absence of flame. This 
reaction can be written as 

 3 2 2 2CH OH  1.5O   2H O  CO+ + ,   1298.15 K 726.60 kJ molr mH -= -  . (23) 

The chemical reactions that occur during reforming include methanol steam reforming and 
methanol decomposition, which can be expressed, respectively, as 

 3 2 2 2CH OH  H O  3H   CO+ + ,   1298.15 K 49.37 kJ molr mH -=  , (24) 

 3 2CH OH  2H   CO + ,   1298.15 K 90.47 kJ molr mH  -= . (25) 

Carbon monoxide contained in the hydrogen-rich reformate must be removed, or reduced to an 
acceptable level in order to allow the use of the product stream in commercial applications. Additional 
hydrogen can be obtained via the water-gas shift reaction under carefully controlled conditions. This 
reaction can be written as 

 2 2 2CO  H O  H   CO+ + ,   1298.15 K 41.10 kJ molr mH  -= - . (26) 

The shift reaction is exothermic and reversible, and thus is thermodynamically favored at lower 
temperatures. This reaction increases hydrogen yield while reducing carbon monoxide. 

A detailed description of the physicochemical processes is necessary to accurately predict the 
essential characteristics of the transport phenomena and exothermic and endothermic reactions 
occurring within the chemically reacting flow system. More efficient modeling methods, for example, 
detailed reaction mechanisms, can substantially expand the ability to evaluate critical design tradeoffs 
for optimizing the system. However, detailed reaction mechanisms require kinetic data, and in 
particular, thermodynamic and transport property data with enforced thermodynamic consistency, for 
the chemical species and elementary reactions involved in the combustion and reforming processes, 
many of which have not yet been studied experimentally. Theoretical methods for determining the 
pathways and rates of the elementary reactions involved in the chemical processes have been developed 
[53, 54], many of which need supercomputer resources to address the issues associated with the 
quantum mechanical state of the system. Estimation techniques for chemical kinetics and 
thermodynamic and transport properties required by the detailed reaction mechanisms have also been 
developed [55, 56], but without experimental data available. In this context, simplified kinetic schemes 
are included in the model to describe the chemical processes involved in the system. 

The contribution of homogeneous reactions is insignificant under the conditions employed in the 
operation of the reactor [57, 58]. The exothermic process is modeled using a power-law expression 
developed by Reitz et al. [44]. Additionally, the endothermic process is modeled in such a way as to 
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take into account methanol steam reforming and decomposition and the water-gas shift reaction using 
the kinetic model proposed by Peppley et al. [59]. This chemical kinetic model has been extensively 
validated [60], making the predictions very reliable. The rate of the methanol-steam reforming reaction 
is expressed by partial pressures 
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The rate of the water-gas shift reaction is given by 
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The rate of the methanol decomposition reaction described above is given by 
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2.4. Numerical methods 
The computational fluid dynamics modeling approach used in this study divides the whole 

computational domain into a plurality of sub-domains such as the regions of fluid, solid, and porous 
media. More specifically, these sub-domains are discretized into hexahedral elements due to the 
simplicity of the reactor geometry. The typical mesh employed in this study is non-uniform. In total, the 
mesh consists of 309,260 nodes. 

A mesh independence study is carried out to ensure the independence of the solution. Four meshes 
are generated with varying level of refinement to verify the mesh independency of the solution. The 
optimum mesh density is determined to maximize accuracy and minimize computation time. As the 
mesh density increases, there is a steady-state converged solution to the problem. The coarsest mesh, 
consisting of 20,080 nodes in total, is not capable of describing the spatial field features of interest 
accurately. The solution obtained with a mesh consisting of hundreds of thousands of nodes, for 
example, 309,260 nodes in total, is cost-effective and reasonably accurate. Higher mesh densities, up to 
672,800 nodes in total, do not offer considerable advantages. 

Variations in thermodynamic properties with local temperature and local gas composition are 
taken into account in the model. Velocity inlet boundary conditions are used to define the flow 
velocities at flow inlets. Uniform, flat velocity profiles are used at the inlets of the reactor. At the 
outlets of the reactor, homogeneous Neumann boundary conditions are applied for fluid velocity and 
temperature. In addition, the no-slip condition is applied at all fluid-solid boundaries. 

The three-dimensional computational fluid dynamics solution is deemed to have converged when 
the residual is less than 10-6 for each of the conservation equations described above. The convergence 
history of the temperature, velocities, and species concentrations is monitored to assure the values level 
out to the level specified above. The steady state solution process often takes several thousand 
iterations, the number depending on the size of mesh and the flow characteristics. The numerical 
simulations performed in this study are rather time-consuming. 

2.5. Validation of the model 
The cost of model validation is usually quite significant, especially when extremely high model 

confidence is required. In many cases, there is an existing system that can be captured as part of the 
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model. In this case, the model can be configured to match the characteristics of the existing system and 
the model outcomes can be compared to outcomes measured from the real system. The is the case with 
the validation process, since an experimental system similar to the thermally-integrated microchannel 
reactor described above is currently unavailable with certain features such as methanol fuel, channel 
dimensions, reactor structure, catalysts, and autothermal operation modes. 

The model is valid only if the model is an accurate representation of the actual system [61]. To 
estimate the accuracy of the model, the results predicted by the model are compared with the 
experimental data available in the literature [62]. Steam reforming of methanol is performed in a 
microchannel reactor under different temperature conditions. The channels of the reactor are 
rectangular in cross-section, and they are 0.6 mm in total height, 33.0 mm in length, and 0.5 mm in 
width. The reactor is made of stainless-steel plates. The reforming reaction is conducted at temperatures 
ranging from 473 to 533 K. The heat required by the endothermic process is supplied directly by an 
electrical heating device. The feed stream has a 1:1.1 molar ratio of methanol to water. The feed gas 
mixture is introduced into the reactor at a temperature of 393 K. The reforming catalyst used in the 
experiments is the same as that described previously, but their catalytic activities may differ 
significantly from each other. Accordingly, some of the kinetic parameters, for example, the rate 
constants described above, are determined by globally fitting the predetermined kinetic model for the 
reforming reaction. Numerical simulations are conducted for the reactor operating under the same set of 
reaction conditions used in the experiments by utilizing the model described above. It is worth noting 
that the exact same operating conditions and design parameters as those employed in the experiments 
are used in the simulation. The results are presented in Figure 3, in which methanol conversion and 
hydrogen production rate versus reaction temperature are plotted for the reactor. The results obtained 
from the model are in satisfactory agreement with the data measured from the reactor. 

The model should be validated to the degree required for the model's intended purpose or 
application. There is no significant difference between the experimental conditions and the design 
parameters used in this study. The model within its domain of applicability possesses a satisfactory 
range of accuracy consistent with the intended application of the model, as discussed above. To obtain a 
higher degree of confidence in the model and its results, however, comparisons of the model's and real 
system's output behaviors for several different sets of experimental conditions are usually required. 
Further validation is needed to ensure that the model's output behavior has the accuracy required for the 
model's intended purpose over the domain of the model's intended applicability. 
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Figure 3. (a) Methanol conversion and (b) hydrogen production rate as a function of reaction 
temperature. The experimental data are also included for comparison. 

3. Methodology 

Mass transfer is the net movement of mass from one location to another. Mass transfer is used by 
different scientific disciplines for different processes and mechanisms. The phrase is commonly used in 
engineering for physical processes that involve diffusive and convective transport of chemical species 
within physical systems. Mass transfer finds extensive application in chemical engineering problems. It 
is used in reaction engineering, separations engineering, heat transfer engineering, and many other 
sub-disciplines of chemical engineering like electrochemical engineering. 

There are two main types of potential mass transfer limitations normally considered for a 
microchannel reactor [63, 64]. One is external mass transfer limitations which exist when there is a 
diffusion process of reactants from the bulk gas phase to the surface of the catalyst layer. Molecular 
diffusion is the primary mechanism for external mass transfer, as the flow in a microchannel reactor is 
usually laminar [65, 66]. The other is internal mass transfer limitations which exist in a porous catalyst 
layer due to the fast reaction occurring within the catalyst layer. There are two types of diffusion 
normally considered. One is bulk or molecular diffusion which occurs when the mean free path 
between intermolecular collisions is small compared to the mean pore diameter of porous catalyst 
layers. The other is Knudsen diffusion which occurs when the mean free path is large compared to the 
mean pore diameter. Transport of reactants and products can occur within the catalyst layer by 
molecular and Knudsen diffusion. In the extreme case that the dimension of the channels is large and 

the intrinsic rate of the reaction occurring within the reactor is high, the concentrations of reactants can 
be close to zero in the interior of the catalyst layer. There will eventually be significant limitations of 
internal and external mass transfer within the reactor. 

Recent studies have demonstrated that there are rather complex interactions between interphase 
mass transfer and intraphase diffusion resistances in a mass transfer limited reaction system [67, 68]. 
Additionally, chemical kinetics of catalytic reactions are often obscured by interphase mass transfer and 
intraphase diffusion effects. Such complexities are especially true of exothermic or endothermic 
reactions effected within a catalytic microchannel reactor [69, 70]. For the autothermal system modeled, 
the simultaneous existence of exothermic and endothermic reactions makes the problem more complex 
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and difficult. Since multiple solutions can occur when interphase and intraphase transport influences 
are considered separately, their combined effect may be of great complexity [69, 70]. While 
simultaneously considering the interphase mass transfer and intraphase diffusion limitations existing in 
both the combustion and reforming channels, it is usually difficult to determine what exactly is the 
limiting step associated with the overall transport process. For the sake of simplicity, the method used 
in this study takes into consideration interphase mass transfer and intraphase diffusion as a combined 
overall effect on the rate of the exothermic reaction or the endothermic reaction. 

To determine the rate-limiting step is a key point in the design of the reactor. The main factors 
affecting reaction rate must be identified by performing numerical simulations over a wide range of 
operating conditions [71, 72]. For example, the rate of the endothermic reaction is usually limited by 
the following fundamental factors. 
 Intrinsic kinetic parameters: There will usually be important factors that influence the overall rate 

of the endothermic reaction. 
 The rate of heat transfer: The performance of the reactor is often limited by the ability to transfer 

heat into or away from the system [73, 74]. The rate of heat transfer becomes critically important 
in the design of the autothermal system. 

 The rate of mass transfer: In a reaction with heterogeneous catalysis, rate of mass transfer can be 
particularly important [73, 74]. Performance analysis and design optimization are essential and 
necessary to ensure highly effective mass transfer within the system. 
Therefore, the autothermal reactor must be designed to reduce the limitations imposed by the 

fundamental factors described above. Detailed studies will often be needed to clarify the effects of 
intrinsic kinetics and mass transfer to determine what exactly is the most important factor in controlling 
the rate of the endothermic reaction. 

4. Results and discussion 

4.1. Effect of catalyst layer thickness 
The allowable thickness of catalyst layers is a critical parameter in the performance of a 

microchemical system [75, 76]. The effect of catalyst layer thickness is investigated for a given set of 
reaction conditions. The thickness of the catalyst layers varies between 0.04 and 0.20 mm. The results 
are presented in Figure 4, in which methanol conversion is expressed as a function of the thickness of 
the catalyst layers. Additionally, the rate of the reforming reaction is determined with the model 
described above, when the thickness of the catalyst layers is equal to 0.04, 0.12, and 0.20 mm, 
respectively. The methanol conversion in the reactor increases with increasing catalyst layer thickness, 
as shown in Figure 4. More specifically, in relatively thin catalyst layers, the methanol conversion 
increases rapidly with catalyst layer thickness. As the catalyst layer thickness is increased further, the 
methanol conversion enters a transition region wherein the rate of intraphase mass transport within the 
catalyst layers begins to limit the further increase of methanol conversion. As the catalyst layer 
thickness is increased still further, the rate of the reforming reaction enters a mass transfer limited 
region wherein the reactants cannot be transferred into the catalyst layers fast enough to keep up with 
the reforming reaction occurring within the catalyst layers, and the methanol conversion levels off 
regardless of a further increase in the thickness of the catalyst layers, as shown in Figure 4. In the 
extreme case that the catalyst layers are very thick, the rate of the reforming reaction can be close to 
zero in the interiors of the catalyst layers. There will eventually be significant limitations of internal 
mass transfer within the reactor. In the mass transfer limited region, higher activity of the reforming 
catalyst does not lead to an increase in the rate of the reforming reaction. The only apparent method is 
to increase the rate of mass transfer within the reactor. This method can be effective, since the 
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resistance to mass transfer within the catalyst layers depends on catalyst layer properties such as 
porosity, pore size, and surface-active site density. Therefore, a larger amount of hydrogen can be 
produced by optimizing the properties of the catalyst layers. 
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Figure 4. Methanol conversion as a function of the thickness of the catalyst layers. The amount of the 
catalysts employed varies depending upon the thickness of catalyst layers. The distance between the 
walls is 0.7 mm. The fluid velocity at the flow inlets of the reforming channels is 2.0 m/s, and the fluid 
velocity at the flow inlets of the combustion channels is 0.6 m/s. 

4.2. Effect of channel characteristic dimension 
The results obtained for different channel characteristic dimensions are compared at the same 

reaction conditions. The flow rates of the reaction mixtures flowing in the channels are adjusted in such 
a manner as to maintain a substantially constant flow velocity of each reaction mixture passing through 
the reactor over the range of channel characteristic dimensions. More specifically, the flow rate of the 
methanol and water mixture flowing in the reforming channels is adjusted so that the flow velocity of 
the reforming reaction mixture passing through the reactor remains about constant over a wide range of 
channel characteristic dimensions. Such adjustment is also performed for the flow rate of the methanol 
and air mixture flowing in the combustion channels. Accordingly, the residence time of each reaction 
mixture passing through the reactor is kept almost constant. The results are presented in Figure 5, in 
which methanol conversion and hydrogen yield are expressed as a function of the characteristic 
dimension of the channels. The Reynolds number of the system can be used to indicate whether flow in 
the channels may be laminar or turbulent. Specifically, the Reynolds number can be used to predict 
flow patterns in the channels, and laminar flow occurs at low Reynolds numbers. The velocity, density, 
and viscosity of the fluid will tend to vary widely in the reforming channels or in the combustion 
channels. In the system, however, the Reynolds number associated with the maximum channel 
characteristic dimension is less than 800, which is well within the laminar flow regime. 

If the reactor is operated in a mass transfer limited region in which the rate of the reforming 
reaction is limited by mass transfer, fuel conversion and product yield will increase with decreasing the 
characteristic dimension of the channels. However, there is no significant difference in both fuel 
conversion and product yield between different channel characteristic dimensions, as indicated by the 
results presented in Figure 5. More specifically, as the characteristic dimension of the channels 
increases while maintaining substantially constant residence time, the methanol conversion in the 
reforming channels decreases slightly but the hydrogen yield obtained from the reforming reaction 
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increases slightly due to the increased flow rates of the reaction mixtures flowing in the channels. 
Overall, the characteristic dimension of the channels has little effect on the performance of the reactor 
under the specified conditions. Therefore, the rate of external mass transfer increases to such an extent 
that the reactants can be transferred in the gas phase fast enough to keep up with the rate of the 
reforming reaction, the reforming reaction do not shift to mass transfer control, and the rate of the 
reforming reaction levels off regardless of further channel characteristic dimension decreases. In this 
case, the rate of the reforming reaction is no longer limited by external mass transfer at the specified 
operating conditions, making it possible to operate the system without diffusion limitations. The rate of 
the reforming reaction is substantially increased beyond the external mass transfer limitation, and such 
a high reaction rate permits high fluid velocities in the channels. 
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Figure 5. Effect of channel characteristic dimension on the methanol conversion and hydrogen yield in 
the reforming channels. The thickness of the catalyst layers is 0.1 mm. When the distance between the 
walls is 0.7 mm, the fluid velocity at the flow inlets of the reforming channels is 2.0 m/s, and the fluid 
velocity at the flow inlets of the combustion channels is 0.6 m/s. The flow rates of the reaction mixtures 
flowing in the channels are adjusted in such a manner as to maintain a substantially constant flow 
velocity of each reaction mixture passing through the reactor over the range of channel characteristic 
dimensions. Accordingly, the residence time of each reaction mixture passing through the reactor is 
kept almost constant. 

4.3. Effect of adding an inert gas 
The presence of an inert gas in a feed gas mixture can affect the fluid transport properties such as 

thermal and mass diffusion coefficients. The change of thermal diffusion coefficients may have a 
significant effect on the rate of heat transfer within the autothermal system [77, 78]. In addition, the 
change of thermal diffusion coefficients will cause heavy molecules to diffuse less rapidly, and light 
molecules to diffuse more rapidly, towards catalytic surfaces due to the Soret effect. On the other hand, 
the mass diffusion coefficient for a chemical species in the mixture is dependent upon the mixture 
composition [77, 78]. The presence of an inert gas can cause changes in the molecular diffusion 
coefficients of the gaseous species involved in the multi-component system. Since the heat and mass 
transport processes can be significant within the system, the mass transfer limitations in the reactor may 
be reduced by adding an inert gas with high molecular diffusion coefficients in the feed gas mixtures, 
thereby enhancing the effective reforming reaction rate. Therefore, the effect of adding an inert gas in 
the feed gas mixtures on the performance of the reactor is investigated in order to better understand the 
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mass transport phenomena occurring within the reactor. 
Numerical simulations are performed in the case that an inert gas such as argon and helium is 

added into the feed stream. The inert gas is present in each of the feed gas mixtures in a concentration 
of 20 volume percent. The total gas pressure remains constant. The results are presented in Figure 6, in 
which methanol conversion is expressed as a function of the maximum rate of the reforming reaction. 
When the maximum rate of the reforming reaction is low, methanol conversion is identical and very 
low, irrespective of feed composition. In this case, the reforming reaction is kinetically controlled, and 
is essentially free of mass transfer limitations. When the maximum rate of the reforming reaction is 
high, there is an increase in methanol conversion. The effect of adding an inert gas becomes more 
pronounced with increasing the maximum rate of the reforming reaction. This effect is due to the 
change of the molecular diffusion coefficient of the gaseous species involved in the system. The inert 
gases described above can increase molecular diffusion coefficients and thus enhance the mass transfer 
within the reactor, which eventually leads to an increase in methanol conversion. When the maximum 
rate of the reforming reaction is very high, the kinetics of the reforming reaction has little effect on the 
methanol conversion within the reactor. In this case, the methanol conversion levels off regardless of a 
further increase in the rate of the reforming reaction. The reforming reaction is fully controlled by mass 
transfer, which is determined by the molecular diffusion coefficient of the gaseous species involved in 
the system. There is considerable difference in the methanol conversion obtained with argon and 
helium, since the rates of diffusion of the inert gases in their respective reaction mixtures differ from 
each other. On the other hand, the diffusion coefficient for a binary mixture of gases is dependent upon 
the total pressure. The mass transfer within the reactor can be enhanced by reducing the total gas 
pressure while keeping substantially constant the partial pressure of the reactants, without affecting the 
kinetics of the reforming reaction. Therefore, the mass transfer within the reactor can be further 
enhanced by using this method, thereby facilitating the reforming reaction. 
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Figure 6. Effect of adding an inert gas on the methanol conversion in the reforming channels for 
different maximum rates of the reforming reaction. The total gas pressure remains constant. The 
distance between the walls is 0.7 mm. The thickness of the catalyst layers is 0.1 mm. The fluid velocity 
at the flow inlets of the reforming channels is 2.0 m/s, and the fluid velocity at the flow inlets of the 
combustion channels is 0.6 m/s. 

4.4. Effect of fluid velocity 
The thickness of the mass transport boundary layers formed within the channels can be reduced by 
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utilizing high fluid velocities to enhance the mass transfer within the reactor. The effect of fluid 
velocity on methanol conversion is investigated. The results are presented in Figure 7, in which 
methanol conversion is expressed as a function of the residence time of the reforming reaction mixture 
passing through the reactor. For different fluid velocities at the flow inlets of the reforming channels, 
the residence time is kept constant by reducing the length of the reactor. The residence time play an 
important role in the performance of the reactor. Methanol conversion increases with increasing the 
residence time. However, fluid velocities have little effect on methanol conversion if the residence time 
is kept constant. High fluid velocities are not necessarily a high degree of methanol conversion, 
although there is a reduction in the thickness of boundary layers and thus an enhancement in mass 
transfer within the reactor. The Sherwood number is a dimensionless number used in mass-transfer 
operation. In the case of laminar flow in the channels, the Sherwood number can also be further defined 
using dimensional analysis as follows [79, 80]: 

    1 1 1Sh Re Sc
b cb c

x ma a u d D   - - -= = . (30) 

The Sherwood number can be expressed using the heat-mass transfer analogy as follows [81, 82]: 

 Sh a= , 1ReScsmall d l - , (31) 
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Figure 7. Methanol conversion as a function of the residence time of the reforming reaction mixture 
passing through the reactor. The distance between the walls is 0.7 mm. The thickness of the catalyst 
layers is 0.1 mm. The fluid velocity at the flow inlets of the reforming channels is 2.0 and 8.0 m/s, 
respectively. For different fluid velocities at the flow inlets of the reforming channels, the residence 
time is kept constant by reducing the length of the reactor. 

In the case of laminar flow in the channels, the rate of mass transfer within the continuous flow 
reactor depends upon the residence time of the reforming reaction mixture passing through the reactor, 
as expressed by the heat-mass transfer analogy defined above. If the residence time remains constant, 
high fluid velocities have no significant effect on the rate of mass transfer within the reactor. 

5. Further discussion 

Thermodynamic equilibrium is a condition or state of a thermodynamic system, the properties of 
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which do not change with time and that can be changed to another condition only at the expense of 
effects on other systems. For a thermodynamic equilibrium system with given energy, the entropy is 
greater than that of any other state with the same energy. For a thermodynamic equilibrium state with 
given pressure and temperature, the Gibbs free energy is smaller than that of any other state with the 
same pressure and temperature. Chemical equilibrium is a condition in the course of a reversible 
chemical reaction in which no net change in the amounts of reactants and products occurs. A reversible 
chemical reaction is one in which the products, as soon as they are formed, react to produce the original 
reactants. At equilibrium, there is no net change in the amounts of substances involved. At this point 
the reaction may be considered to be completed. For some specified reaction condition, the maximum 
conversion of reactants to products has been attained. For a given reaction, at some specified condition 
of temperature and pressure, the ratio of the amounts of products and reactants present at equilibrium, 
each raised to their respective powers, is a constant, designated the equilibrium constant of the reaction. 
The value of the equilibrium constant varies with the temperature and pressure according to the 
principle of Le Chatelier. By methods of statistical mechanics and chemical thermodynamics, the 
equilibrium constant is related to the change in the thermodynamic quantity called the standard Gibbs 
free energy accompanying the reaction. The standard Gibbs free energy of the reaction, which is the 
difference between the sum of the standard free energies of the products and that of the reactants, is 
equal to the negative natural logarithm of the equilibrium constant multiplied by the ideal gas constant 
and the absolute temperature. The equation allows the calculation of the equilibrium constant, or the 
relative amounts of products and reactants present at equilibrium, from measured or derived values of 
standard free energies of substances. The reaction rate is the speed at which a chemical reaction 
proceeds. It is often expressed in terms of either the concentration of a product that is formed in a unit 
of time or the concentration of a reactant that is consumed in a unit of time. Alternatively, it may be 
defined in terms of the amounts of the reactants consumed or products formed in a unit of time. 
Chemical reactions proceed at vastly different speeds depending on the nature of the reacting 
substances, the type of chemical transformation, the temperature, and other factors. In general, 
reactions in which atoms or ions combine occur very rapidly, while those in which covalent bonds are 
broken are much slower. For a given reaction, the speed of the reaction will vary with the temperature, 
the pressure, and the amounts of reactants present. In some cases, the addition of a substance that is not 
itself a reactant, called a catalyst, accelerates a reaction. The rate constant, or the specific rate constant, 
is the proportionality constant in the equation that expresses the relationship between the rate of a 
chemical reaction and the concentrations of the reacting substances. The measurement and 
interpretation of reactions constitute the branch of chemistry known as chemical kinetics. 

Preferably, the system can be maintained adiabatic and isothermal in order to determine the 
operation regimes for the methanol-steam reforming reaction in the reactor. The reactor should be 
configured to enhance desired thermal and mass transfer characteristics for the system. Efficient heat 
transfer processes make possible decreased mass transfer limitations in the endothermic reforming 
channels. Contour plots of temperature, species concentrations, enthalpy, and sensible enthalpy are 
presented in Figure 8 for the reactor. The thermal conductivity of the wall material is very high so that 
heat can be transferred by indirect heat exchange between the two process reaction streams at a rate 
sufficient to maintain the reactor at substantially isothermal conditions. The difference between the 
highest and lowest temperature within the dividing walls is no greater than 10 K, as presented by the 
temperature contour plot in Figure 8. This results in efficient heat transfer in the reactor, as presented 
by the enthalpy and sensible enthalpy contour plots in Figure 8. The term "isothermal" as used herein 
means substantially uniform temperature. It is therefore possible to achieve substantially isothermal 
operation of the system. One design consideration for approaching isothermal conditions in the reactor 
is relatively small dimensions for the channels. This provides a relatively small resistance to heat 



19 

transfer relative to the heat generated per unit volume of reaction space within the channels. Another 
such design consideration is a relatively long length for the channels, which reduces the heat release per 
unit volume of reaction within the channels and also promotes iso-thermality. 

 
Figure 8. Contour plots of temperature, species concentrations, enthalpy, and sensible enthalpy for the 
reactor. The distance between the walls is 0.7 mm. The thickness of the catalyst layers is 0.1 mm. The 
fluid velocity at the flow inlets of the reforming channels is 2.0 m/s, and the fluid velocity at the flow 
inlets of the combustion channels is 0.6 m/s. The thermal conductivity of the wall material is 200 
W/(mꞏK) at room temperature. 
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Near the entrance of the reactor, the system is subjected to steep concentration gradients, and thus 
the limiting factor controlling the rate of the reforming reaction is the rate of mass transfer. Therefore, 
the rate of the reforming reaction is limited by mass transfer near the entrance of the reactor, despite the 
small characteristic length scale of the system. Further downstream, the rate of the reforming reaction is 
limited by kinetics, since there are no significant concentration gradients within the channels, as 
presented by the concentration contour plots in Figure 8. Overall, the rate of the reforming reaction is 
limited by mass transfer near the entrance of the reactor, and by kinetics further downstream. This will 
be discussed in more detail later. 

There are important dimensionless numbers in nature. Dimensionless numbers may be constructed 
as ratios of quantities having the same dimension. Dimensionless numbers have the advantage that they 
are always the same, regardless of what set of units is being used. Dimensionless quantities, also known 
as quantities of dimension one, are implicitly defined in a manner that prevents their aggregation into 
units of measurement. Typically expressed as ratios that align with another system, these quantities do 
not necessitate explicitly defined units. Dimensionless quantities play a crucial role serving as 
parameters in differential equations in various technical disciplines. Physics relies on dimensionless 
numbers like the Reynolds number in fluid dynamics, and the fine-structure constant in quantum 
mechanics. Damköhler numbers are used in chemical engineering to relate the chemical reaction 
timescale to the transport phenomena rate occurring in a system. 

The reforming reaction is carried out in the reactor configured and operated in a manner such that 
the conversion of methanol is highest and the selectivity to the desired product is maximized. It is 
therefore necessary to determine whether or not the reaction system is operated in a mass 
transfer-controlled regime, and provide the necessary criteria so that the mass transfer within the 
microchannel reactor can be effective. The Damköhler number can be used to relate the reforming 
reaction timescale to the mass transfer rate for the chemically reacting flow system. Assuming the 
reforming reaction to be first order, the system is operated in a mass transfer-controlled regime when 
the following criterion is satisfied [83, 84] 

 1Da 100R mk d D -= > . (33) 

In this case, the rate of the reforming reaction is sufficiently fast that methanol is reacted almost 
immediately upon reaching the surface of the catalyst. Under mass transfer limited conditions, the net 
rate of the reforming reaction is not controlled by the catalyst activity or a fuel's reactivity, and is 
therefore independent of fuel type. 

The system is operated in a kinetically-controlled regime and is essentially free of mass transfer 
limitations when the following criterion is satisfied [83, 84] 

 1Da 0.1R mk d D -= < . (34) 

There is a transition from a kinetically-controlled regime to a mass transfer-controlled regime 
when the Damköhler number varies in the following range [83, 84] 

 10.1 Da 100R mk d D -=   . (35) 

The results obtained for different channel characteristic dimensions are presented in Figure 9, in 
which the operation regimes, determined by the Damköhler number, for the methanol-steam reforming 
reaction in the reactor are presented. The residence time of the reforming reaction mixture passing 
through the reactor varies depending upon the characteristic dimension of the channels. As the 
characteristic dimension decreases, there is a transition from a mass transfer-controlled regime to a 
transient regime and then to a kinetically-controlled regime, with net reaction rate ultimately limited by 
reaction rate in the catalyst layers. Large characteristic dimensions of the channels increase resistance 
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to mass transfer within the reactor during the reforming reaction. Such mass transfer resistance can 
prevent the reactants from reaching the catalyst layers as fast as they can react and thereby can result in 
inefficient utilization of the reforming catalyst. Therefore, due to such limitations on the mass transfer 
within the reactor, the potential for the effectiveness of the catalysts appears to be limited. To minimize 
mass transfer resistances, the channels should be as small as possible. Diffusion limitations can be 
eliminated by reducing the characteristic dimensions of the channels. Small characteristic dimensions 
of the channels make possible a reduction in mass transfer limitations, thereby improving the 
performance of the reactor. Therefore, the reforming reaction may advantageously be carried out in 
small channels. However, small channels cause disadvantageously high pressure drops. In the present 
case, the system is operated in a kinetically-controlled regime and is therefore essentially free of mass 
transfer limitations at the specified operating conditions. 
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Figure 9. Map of operation regimes for the methanol-steam reforming reaction in the autothermal 
reactor determined by the Damköhler number. The results obtained for the present case are indicated by 
a five-pointed star. The thickness of the catalyst layers is 0.1 mm. The fluid velocity at the flow inlets 
of the reforming channels is 2.0 m/s, and the fluid velocity at the flow inlets of the combustion 
channels is 0.6 m/s. 

Species concentration profiles in the transverse direction can also be used to determine what 
regime the system is operated [85, 86]. The system is operated in a mass transfer-controlled regime 
when reactant concentrations are low in the vicinity of the catalyst layers. On the other hand, the 
system is operated in a kinetically-controlled regime when reactant concentrations are high in the 
vicinity of the catalyst layers. Contour plots of methanol and hydrogen concentrations in the plane 
perpendicular to the streamwise direction are presented in Figure 10 for different streamwise distances. 
The system is subjected to steep gradients of methanol and hydrogen concentrations near the entrance 
of the reactor, whereas there are no significant concentration gradients within the channels further 
downstream. When compared to the corresponding bulk concentration in the reforming channels, 
methanol concentrations in the vicinity of the catalyst layers are low near the entrance of the reactor 
and high further downstream. Therefore, the rate of the reforming reaction is limited by mass transfer 
near the entrance of the reactor, and by kinetics further downstream, as discussed above. On the other 
hand, the desired product is efficiently removed from the vicinity of the catalyst layers. The continuous 
removal of the desired product may substantially eliminate mass transport limitations in diffusion 
inhibited systems and would greatly increase overall reaction rate and product yield. 
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Figure 10. Contour plots of methanol and hydrogen concentrations in the plane perpendicular to the 
streamwise direction on a two-dimensional format. The distance between the walls is 0.7 mm. The 
thickness of the catalyst layers is 0.1 mm. The fluid velocity at the flow inlets of the reforming 
channels is 2.0 m/s, and the fluid velocity at the flow inlets of the combustion channels is 0.6 m/s. 
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To determine the operation regimes for the methanol-steam reforming reaction in the reactor, two 
boundary limits are defined here in terms of the ratio between the concentration of one or more 
reactants in the vicinity of the catalyst layers and the corresponding average concentration for the cross 
section of the flow channel. In this study, the lower limit of the dimensionless reactant concentration 
ratio is assumed to be 0.06 [85, 86], and the upper limit of the dimensionless reactant concentration 
ratio is assumed to be 0.96 [87, 88]. Mixtures of dispersed combustible materials and oxygen in the air 
will burn only if the fuel concentration lies within well-defined lower and upper bounds determined 
experimentally, referred to as flammability limits or explosive limits. Flammability or explosive limits 
vary with temperature and pressure, but are normally expressed in terms of volume percentage at room 
temperature and atmospheric pressure. Flammability or explosive limits are relevant both in producing 
and optimizing explosion or combustion. The results obtained for different reforming reaction rates are 
presented in Figure 11, in which the dimensionless methanol concentration ratio is expressed as a 
function of the rate of the reforming reaction, and the operation regimes, determined by the 
dimensionless methanol concentration ratio, for the methanol-steam reforming reaction in the reactor 
are also presented. If the dimensionless methanol concentration ratio reaches the lower limit defined 
above, it can be assumed that the system is operated in a mass transfer-controlled regime. In contrast, 
the reforming reaction becomes kinetically-controlled when the dimensionless methanol concentration 
ratio reaches the upper limit defined above. Near the entrance of the reactor, the rate of the reforming 
reaction is high, and the reforming reaction is mass transfer controlled. Further downstream, the rate of 
the reforming reaction is low, and the reforming reaction becomes kinetically-controlled. Overall, the 
rate of the reforming reaction is limited by mass transfer near the entrance of the reactor, and by 
kinetics further downstream, as discussed above. 
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Figure 11. Map of operation regimes for the methanol-steam reforming reaction in the reactor 
determined by the dimensionless methanol concentration ratio. The thickness of the catalyst layers is 
0.1 mm. The fluid velocity at the flow inlets of the reforming channels is 2.0 m/s, and the fluid velocity 
at the flow inlets of the combustion channels is 0.6 m/s. 

6. Conclusions 

This study was focused mainly upon the essential characteristics of mass transfer processes in a 
microchannel methanol reforming reactor. The reactor was designed for thermochemically producing 
hydrogen. Three-dimensional numerical simulations were performed using computational fluid 
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dynamics to better understand the mass transport phenomena occurring within the reactor. Of particular 
concern were those conditions where the methanol reforming reaction is mass transfer-controlled. The 
criteria that can be used to distinguish between different mass transport and kinetics regimes in the 
reactor were developed. The following conclusions can be summarized from this study. 
 The mass transfer limitations in the reactor can be reduced by optimizing the thickness of catalyst 

layers and through adjusting feed composition, whereby the performance of the reactor can be 
substantially improved. 

 The mass transfer limitations in the reactor can be effectively reduced by adding an inert gas with 
high molecular diffusion coefficients in each of the feed gas mixtures, thereby enhancing the 
effective rate of the reforming reaction, with improved reactor performance and an increase in 
methanol conversion. 

 A long residence time of the reforming reaction mixture passing through the reactor reduces the 
mass transfer limitations, thereby allowing the reforming reaction to more closely approach the 
intrinsic kinetic rate. 

 The mass transfer limitations in the reactor can be effectively eliminated by reducing the 
characteristic dimensions of the channels. However, this is not an effective method, if the flow rate 
of the reforming reaction mixture passing through the reactor remains constant. 

 Fluid velocities have little effect on the mass transfer limitations in the reactor, if the residence 
time of the reforming reaction mixture passing through the reactor is kept constant. 

 When the heat transfer in the thermally integrated system is efficient, the rate of the methanol 
reforming reaction is limited by mass transport near the entrance of the reactor and by chemical 
kinetics further downstream. 
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